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INTRODUCTION .

The Packaging Ordinance, introduced in Germany in 1991, for the first time prescribes the princi-
ple of ,,prevention, reduction and recycling®, and holds manufacturers and retailers directly re-
sponsible for the disposal of the packaging they have put into circulation. Packaging from house-
holds and small businesses is no longer classified as ,, the household waste* as such; it has to be
collected separately. In 1991, Duales System Deutschland GmbH (DSD) was founded as a private
dual waste management system responsible for the nationwide collection, sorting, and recycling of
post-consumer sales packaging, and thus releasing companies from their individual take-back obli-
gation. Initially founded by 95 companies from the retail trade and the consumer goods and pack-
aging industries, DSD, as of today, has about 600 shareholders.

THE SYSTEM

The services offered by DSD are available to consumers all over Germany. Yellow bags and bins
are distributed to households for the collection of light-weight packaging made of plastics, metals
and composites. Glass is collected in color-coded bottle-banks set up close to residential areas.
The packaging is then collected either at the curbside or from the containers by waste management
companies contracted by DSD. These contractors are also responsible for the sorting of the con-
tents of the yellow bag/bin. In over 360 sorting plants, the packaging waste is sorted into four
fractions: Plastics, metals, composite cardboard, and other composites. The economically more
efficient automated sorting is increasingly replacing manual sorting processes. The waste manage-
ment companies then forward the sorted packaging to the guarantors. These guarantors have
signed contracts with DSD in which they guarantee to accept and recycle the material fractions
delivered to them. While the task of recycling aluminum, tinplate and composite sales packaging is
handed over to industry, DSD is responsible for the collected plastics. DKR, a subsidiary, was
founded to coordinate and organize the recycling of plastics packaging.

The principle of recovery and recycling and the Dual System have proved to be a success. In 1996,
over 5.4 Million tons of post-consumer sales packaging were collected by the Dual System. This
corresponds to 86% of the sales packaging from households and small businesses. Nine out of ten
German households participate in the sorting. On average, each citizen collected 71.2 kg of used
sales packaging in 1996. Out of the total quantity collected, 84% was sorted and forwarded to
recycling. The individual figures for the different material fractions in 1996 are given in Table 1.

DSD’s services are financed over the Green Dot trade mark. Fillers, manufacturers and retailers
pay DSD a license fee for the right to mark their packaging with the Green Dot trade mark. This
fee pays for the collection and sorting of sales packaging, and in the case of plastics also the re-
cycling, as shown in Figure 1. The Dual System is thus financed exclusively by German industry.
The costs for the ,,green dot“ costs are largely passed on to consumers via the product price. The
license fees are calculated based on the material, the weight of the packaging, and the number of
items being circulated in the German market. The fees for the different kinds of packaging thus
take into account the actual waste management costs caused by these different kinds of packaging.
The licensing fee for plastic packaging is by far the highest because, unlike with other materials,
the costs of preparation and recycling are included in the ,,Green Dot fee for plastic packaging.

The Dual System not only meets the recycling quotas set forth in the Packaging Ordinance, but
also effectively realizes the principles of prevention and reduction. To reduce license fees, manu-
facturers and fillers optimize packaging and packaging materials. The German environmental min-
istry estimates that the amount of sales packaging has dropped by 900.000 tons between 1991 and
1995. The recyling achievements in the packaging sector have become a model for an ecologically
oriented economy in Germany. ,,Closing the loop* is the basic concept in this economy and in the
JKreislaufwirtschafigesetz* (Product Recycling and Waste Management Act), which came into
force in October 1996 as an extension of the ,,Verpackungsverordnung”. Taking things one step
further, this act, for the first time, makes all branches of industry fully responsible for their prod-
ucts, right throiugh from manufacture to disposal.

PLASTIC RECYCLING

In 1996, approximately 800,000 tons of plastic packaging were used in Germany. Out of this total,
535,000 t were forwarded to recycling. The collected material is sorted into five fractions: EPS,
bottles, cups, film, and mixed plastics. The composition of plastic packaging waste in Germany in
1995 is given in Table 2. The Packaging Ordinance requires that the collected plastic packaging be
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materially recycled. Initially, material recycling was thought of in terms of mechanical recycling
only. However, the extensive sorting necessary to separate the packaging waste in order to isolate
relatively pure plastics was found to be too difficult and too expensive. With the introduction of
the so-called ,,mixed fraction“ to reduce the sorting efforts, chemical recycling has come into play
as a viable alternative to mechanical recycling. Today, most of the containers and films - mainly
oversized items which consist of polypropylene and polyethylene - undergo mechanical recycling.
The mixed plastics are prepared for feedstock recycling. Although contamination and heterogene-
ity are not a problem in the mixed plastics fraction, the material still has to be sorted to an agreed-
upon specification (Figure 2) in order to be suited for feedstock preparation.

In the preparation process, which is crucially important for successful feedstock recycling, the pre-
sorted material is converted into a homogeneous, pourable bulk material. This bulk material must
be easy to transport, store and handle. DSD, together with the preparaters and the feedstock re-
cyclers, has developed a specification (Figure 3) to define a bulk material which is suitable for all
the different feedstock recycling techniques available: The preparation process involves several
shredding and separating steps and an agglomeration step to compact the material. Initially, prepa-
ration was based on a wet technique. Here, the material fractions were separated in a sink-float
process. Although the output quality of the material was very high, this wet process involved in-
tensive washing and therefore was expensive and guestionable from an ecological point of view.
DSD, together with the preparation plants, has developed an alternative dry technique, where the
sink-float step is replaced by air separation and vibrating conveyors. Additionally, magnetic sepa-
rators and eddy-current separators, as well as sieves, are used.

In a final preparation step, the material, which is now largely free of non-plastic components, is
compacted. Depending on the type of machinery used for compacting, the final product takes the
form of agglomerate or pellets. Compacting to an agglomerated or pelletized form is a very impor-
tant step in the preparation. Before the material is compacted, it has a very low density (< 60
kg/m®) and would be very difficult to handle in subsequent feedstock recycling processes. The new
dry technique has considerably reduced the costs of feedstock preparation, while the quality and
consistency of the output material still perfectly meets the specification.

Preparation plants with a capacity of more than 10.000 t/y per line can operate economically. Cur-
rently, about 10 plants with a total available capacity of approximately 310,000 tons (output) pre-
pare the mixed plastics for the feedstock recycling. This material is all produced according to the
same specification regardless of the recycling process it subsequently undergoes.There are three
main usages for mixed plastics as a feedstock: Liquefaction/ pyrolysis, gasification, and the blast
furnace. Currently, about nine German plants are involved in the feedstock recycling of post-
consumer plastics, with an available capacity that by January 1998 will be sufficient to recycle the
prepared material, as presented in Figure 4.

CONCLUSION

With environmental issues becoming more and more serious, the demand for economically effi-
cient and ecologically effective recycling technologies is rapidly increasing all over the world. Over
the past five years, Duales System Deutschland has collected significant know-how in waste man-
agement, in the collection and sorting of household waste, and particularly in the crucial prepara-
tion of plastics for feedstock recycling processes. DSD is now actively exploring cooperation
agreements with researchers and companies from other countries to develop economically com-
petitive and ecologically superior alternatives to existing disposal methods.
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Table 1. Recycling of post-consumer packaging in 1996

Packaging Quantity
consumption recycled
Glass 3,148,740 t 2,686,639t
Paper/cardboard 1,402,286 t 1,318,641t
Plastics 791,816t 534,953 t
Tinplate 374,598 t 301,789 t
Composites 560,860 t 444,753 t
Aluminum 44 4151t 35,926 t
Total 6,322,715 ¢ 5,322,701 t
Fillers DKResgs Plastics
y Recycling
Retailers =mgge DSD
(for own brands only) ﬂ
. Waste Managemen
Packaging Indust .
(for ser\'icg pac%lgingq)gl?) i Compamcs

Figure 1. DSD-financing: Flow of payments

Table 2: Waste plastic collection: Quantities s
preparation in 1995

upplied for

Fraction Quantity (t) % of Total
EPS 3,500 0.6%
Cups 10,000 1.9%
Bottles 53,000 9.8%
Film 143,500 26.6%
Mixed Plastics 330,000 61.1%
Total 540,000 100%
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Composition/ Description

Mixed Plastics from Plastic Packaging and Plastic Containing Articles
B Purity

Plastic Content > 90 (w1.) %

a

Impurities
Total <10(Wt)% Metal <3 (wt)%

D Typical Impurities (from other containers and packaging)
Metal, Glass, Paper, Aluninium Coated Plastics, Cardboard Composites

E Typical Impurities (from other sources)
Rubber, Stones, Wood, Textiles, etc.

F Packaging Bales (80 cm x 80 cm x 120 cm)

Figure 2. Product specification: Mixed plastics fraction

Granular Size <£1,0cm
Granular Fines (<250p) <1,0(wt) %
Appearance Pourable
Moisture Content < 1,0 (wt) %
Density 20,3 kg/l
Chlorine <20 (wWt)%
Ash (@ 650 C) Total <45 (wt) %
Ash (@ 650 C) Metal <10 (W) %
Plastics Content - Total 290,0 (wt.) %
Plastics Content - Polyolefin 2700 (wt.) %
Plastics Content Enginecring Resins <40 (W) %

Figure 3. Product specification: Mixed plastics agglomerate

Consumption (Vy) Consumption (t/y)

Contractor 1997 January 1, 1998
KAB 80,000 80,000
BASF 20,000 20,000
Stahlwerke Bremen 80,000 80,000
Eko-Stah! 13,000 15,000
Thyssen 18,000 18,000
KHS 12,000 40,000
HKM 0 50,000
(Additional Capacily

for Gasification) (70,000) (70,000)
Total 293,000 373,000

Figure 4. Feedstock recycling: Available capacities in German plants
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INTRODUCTION

Investigations on waste plastic recycling are receiving public attentions mainly
because of the increasing pressure of disposal problems from the ascending
consumption of plastics. Our previous study [1] demonstrated that, at 440 °C and 60
min reaction time, liquid-phase cracking using tetralin and n-decane solvents increased
oil yields from polystyrene (PS) but decreased oil yields from high-density polyethylene
(HDPE), when compared to the crackings in solvent-free environment. Significant oil
yield synergism was further observed for the cracking of PS and HDPE mixtures when
sufficient hydrogen stabilization from the solvent was absent.

Our research continued to study the type of catalyst that may be applied to the
liquid-phase cracking of plastics. This communication reports the effects of an Fe:04/S
catalyst, which is known for hydrogenolysis activities, on the liquid-phase cracking of PS
and HDPE and their 50/50 mixtures. ]

EXPERIMENTAL

Figure 1 illustrates the experimental scheme of the liquid-phase cracking using a
batch-mode 300-mL autoclave reactor. The plastics used were commercial-grade
pellets of PS and HDPE. Reagent-grade tetralin, n-decane (n-C10) and decalin (cis-
and trans- mixture) were used as the solvent for liquid-phase cracking without further
purification. For catalytic runs, powders of 3 wt% iron(lll} oxide and 2.4 wt% sulfur, both
based on the total weight of feed plastics, were added.

A total weight of 80 g of feed reactants including the plastics and the Ilqwd solvent,
if used, was charged for each autoclave reaction experiment. The concentration of the
plastics in each experiment with solvent feed was generally 25 wt% except for the cases
investigating the effect of decalin dilution on PS and HDPE crackings. Experiments
were also performed under solvent-free environment for comparison purposes. For
mixtures of PS and HDPE, the ratio of PS to HDPE was 1/1 on a w/w basis. After being
charged with feed reactants, the reactor was purged and then filled with nitrogen gas for
non-catalytic runs, or with hydrogen gas for catalytic runs. The initial pressure was 4.0
MPa (570 psig) at ambient temperatures. The reaction was conducted at 440 °C for 60
min with constant stirring at 1000 rpm.

The volume of produced gases was measured using a wet gas meter and the
composition analyzed using a GC equipped with a TCD. The yield and the average
molecular weight of gaseous products were determined based on the gas volume
measured and the gas composition analyzed. The product liquid slurry was distilled
under a vacuum pressure as low as 1 torr at 330 °C. The recovered liquid distillate was
further analyzed using another GC equipped with a 50-m long glass capillary column
(Hewlett Packard Ultra-1) and an FID. The oven temperature of the GC unit was
controlled starting from 60 °C at a 3.0 °C/min rate to 300 °C, at which it was kept
isothermally for a period of 30 min. A GC-MS was used to assist the identification of the
components of interest.

The total conversion was determined according to the following equation:

wt. of vacuum residue - wt. of catalyst as FeS

total conversion, wt% = 100% - -
net wt.of feedplastics

The oil yield was calculated by subtracting gas yield from the total conversion. For
catalytic runs, the catalyst was assumed to have transformed to FeS after the reactions.
The hydrogen consumption was calculated by determining the loss of hydrogen in the
charged hydrogen gas less the amount consumed for the formation of hydrogen sulfide.
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RESULTS AND DISSCUSSION

Cracking of PS

As illustrated in Table 1, the total conversion at 440 °C of the non-catalytic thermal
runs was found to follow the order that tetralin > decalin > n-decane > solvent-free. The
hydrogen donation capabilities of decalin and n-decane are essentially negligible, as
compared to that of tetralin. Figure 2 shows the effect of decalin dilution, in terms of PS
feed concentration, on the conversion and product selectivity. At a high temperature of
440 °C, secondary reactions quickly transform styrene, which is considered the primary
product of PS cracking [2, 3], to products such as ethylbenzene, toluene, and cumene.
With the increased interactions among reactive species, condensation reactions could
prevail during the PS cracking. For the solvent-free case, the interactions among
product species were the most intensive and the conversion could not be improved in
the absence of sufficient hydrogenation. Results from GC-MS analysis of the oil
fractions show that components such as terphenyls, quarterphenyls, and polyphenyls of
higher order might have formed in the heavy fractions. .

At 440 °C, tetralin not only buffered but also quickly stabilized reactive species by
hydrogenation. For the case of catalytic cracking using Fe203/S catalyst and decalin
solvent, the total conversion increased to completion with a low gas yield of 0.6 wt%.
The high conversions obtained for the cracking in tetralin and catalytic hydrogenation
environments suggest that hydrogen stabilization could promote PS conversion to
produce light oil.

The gas yields from PS cracking were generally low except when using n-decane
as the solvent. Substantial amounts of C1-C4 n-alkanes were produced in gaseous
products when n-decane was used as the solvent at 440 °C. This suggests that n-
decane could be susceptible to decomposition during PS cracking.

Cracking of HDPE

Typical product yields of HDPE cracking in the different reaction environments are
presented in Table 2. At 440 °C, HDPE cracking shows the trend opposite to PS
cracking by giving decreased total conversions in the presence of the solvents. This is
mainly due to the different cracking mechanisms of HDPE and PS. At 440 °C, HDPE
decomposition slowly produces a series of successive n-alkanes and a-alkenes. For
the solvent-free environment, intensive interactions led to a moderately high conversion
of 55.6 wt%. However, for the cracking in tetralin solvent environment, the total
conversion was shamly reduced to a negligible level. At 440 °C, tetralin appeared to
stabilize decomposition radical fragments at quite fast rates, slowing down the
production of distillate oil from HDPE. The use of n-decane and decalin non-donor
solvents under nitrogen atmosphere also significantly suppressed HDPE decomposition
by dispersing the interactions among reactive species. The order of average molecular
weight (MW) of gaseous products follows the same trend for the cracking in both PS
and HDPE under the non-catalytic environments, showing that n-decane > solvent-free
> decalin > tetralin. It is evident that tetralin effectively reduced.the chances of further
interactions. When n-decane was used as the solvent for HDPE cracking, small
amounts of n-alkanes and a-alkenes with the carbon chain lengths less than 7 were
produced, suggesting that n-decane could also be susceptible to decomposition during
the HDPE cracking.

The cracking of HDPE using Fe2O3/S catalyst under hydrogen atmosphere in
decalin solvent gave a total conversion substantially higher than that of the
corresponding non-catalytic run. This indicates that the catalyst may have a cracking
activity to increase the rate of HDPE decomposition to produce distillate oil in heavy
fraction. The hydrogen consumption was low, and the catalyst showed quite different
behaviors from tetralin in that the catalyst was able to hydrogenate o-olefins and
showed cracking activity with HDPE. Only small concentrations of a-olefins and
branched alkanes were found in the ail fraction obtained from the catalytic run.

The effect of decalin dilution on product selectivity of HDPE cracking is illustrated in
Figure 3. As the HDPE feed concentration increased, both the oil and gas yields also
increased. However, a decrease in total conversion did not occur for high HDPE feed
loadings. Although btack soot-like material was observed on the reactor wall and
around stirrer shaft surfaces, occurrence of condensation reactions in HDPE cracking at
440 °C appeared not as severe as in PS cracking. Unlike PS, HDPE does not readily
convert to its monomer precursor. When a normal alkane molecule is decomposed, it
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probably first converts to a pair of n-alkane and a-alkene, which may or may not have
the same chain lengths. Figure 3 indicates that, as the conversion becomes greater,
the selectivity increases for lighter n-alkanes whereas it remains relatively constant or
slightly decreases for lighter a-alkenes under the non-cataiytic environment. The
carbon distribution pattern further indicates that HDPE cracking may start with random
cleavage on the carbon-carbon main chains and then followed by B-scission to the free
radical positions, producing n-alkanes and a-alkenes of various chain lengths.

Cracking of PS and PE Mixtures

Table 3 presents the results of non-catalytic and catalytic liquefaction runs for 50/50
PS and PE mixtures at 440 °C for 60 min. For the non-catalytic thermal runs, strong
interactions among the cracking products from PS and HDPE mixtures result in oil yield
synergism [1]. The results further show that the combination of Fe:Os and suifur
provides an effective way for hydrogenation, simply by judging from the hydrogen
consumed from the gas phase. The order of hydrogen consumption based on the
charged H: agrees well with the hydrogen need during the plastics cracking. The
solvent-free run required the most hydrogen because of its high concentration (i.e., 100
wt%) of the mixed plastics, when compared with other runs that used 25 wt% loading
with a solvent medium. The catalytic run using tetralin as the solvent consumed the
least amount of hydrogen from the gas phase, due to the affluent hydrogen supply from
the solvent. For those runs using decalin and n-decane as the solvent media, their
hydrogen consumption requirements were intermediate.

In Table 3 except the case using n-decane solvent, the total conversions and C5-
C9 n-alkanes yields decreased by the application of Fe2O4/S catalyst. This is attributed
to the effective catalytic hydrogenation that is able to stabilize reactive species and
suppress the oil yield synergism. The catalyst clearly exhibited its activities increasing
the selectivity for light aromatic components produced from the PS cracking, stabilizing
the reactive species, and suppressing HDPE from induced cracking.

When n-decane was used as the solvent, the production of C5-C9 n-alkanes was
exceedingly high from both the non-catalytic and catalytic runs, when compared to other
reaction environments. The total conversion of the catalytic run was not decreased but
slightly increased. This may be explained as a combined resuit of induced and
accelerated cracking of HDPE by PS decomposition products, n-decane cracking, and
the cracking and hydrogenation activities of the catalyst.

PS decomposes to styrene at a temperature as low as 400 °C. As indicated in
Table 1, the cracking of PS could significantly induce the cracking of n-decane below a
temperature at which the hydrogenation could take place to stabilize reactive species.
Other solvents such as tetralin and decalin are more stable than n-decane and were not
susceptible to PS-induced cracking into reactive species. Moreover, it is also noted that
the slow cracking of HDPE at 440 °C might also slightly induce the cracking of n-
decane, or vice versa, under the non-catalytic condition. Under the combined effect, the
decomposition of HDPE could be induced and accelerated by the presence of reactive
species from both n-decane and PS cracking, giving the high yields of C5-Cg n-alkanes
and n-alkylbenzenes with C6-C9 side chains.

When using the Fe:O4/S catalyst, although slightly more cracking could occur for
HDPE to produce oils in heavy fraction, there also exists a hydrogen stabilization effect
from the gas phase counteracting the induced cracking of HDPE. This leads to an
overall result of slightly increases in total conversion and oil yield. The GC
chromatogram indicates that less concentrations of o-olefins and branched alkanes
were contained in the oil produced from the catalytic runs. Interaction products such as
n-alkylbenzenes with C6-C9 side chains were also present in the oil fractions but
generally in smaller yields.

PS cracking at 440 °C could proceed much faster than the effective hydrogenation.
For the major products from PS, ethylbenzene selectivity was sharply increased and
became the most dominant component probably due to direct hydrogenation to the
styrene during both liquid- and gas-phase hydrogenations. The trend for other
components also follows in similar fashions for their variations, namely, the selectivity
for cumene increased while for toluene decreased.

The rate of HDPE cracking may be slowed down to an extent depending on the
reaction environment either by using tetralin solvent or Fe204/S catalyst in hydrogen
atmosphere. Tetralin was able to stabilize decomposition free radicals but was not as
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effective as the catalyst in the hydrogenation of unsaturated bonds. There would need
significantly additional hydrogen supply if HDPE could have been cracked effectively.
The existence of oil yield synergism produces more varieties of components by
increased interactions. The catalytic cracking of PS and HDPE mixtures in n-decane
solvent showed a high conversion with a low gas yield.

CONCLUSIONS

Fe,04/S catalyst showed a hydrogenation activity for the cracking of PS in a non-
hydrogen donor solvent at 440 °C to yield a total conversion of 100 wt%. It
demonstrated an effective way of converting PS using liquid-phase cracking and a
hydrogenation catalyst. The catalyst slightly increased the conversion of HDPE under a
similar condition by exhibiting cracking and hydrogenation activities. When used in the
cracking of PS and HDPE mixtures, the catalyst decreased total conversions by
suppressing interactions among reactive products under solvent-free, tetralin, and
decalin environments. When n-decane was used as the solvent for the cracking of PS
and HDPE mixtures, the catalyst was able to maintain effective decomposition of PS
and HDPE, and give a decreased gas yield in hydrogen atmosphere.
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Figure 3. Effect of Decalin Dilution on PE Cracking at 440 °C and 60 min




Table 1. Product Yields of PS Cracking in Different Reaction Environments at 440 °C

Reaction Environment Non-Catalytic, N2 Catalytic, H»
Solvent-Free _ Tetralin Decalin ___n-Decane Decalin
Total Conversion, wt% 73.2 96.5 91.8 89.0 100.0
Qil Yield, wt% 729 95.8 90.8 83.8 99.4
benzene, wit% 0.9 0.2 04 0.7 0.7
toluene, wt% 216 40.8 338 33.3 244
ethylbenzene, wt% 27.4 27.7 21.2 134 414
styrene, wt% 0.0 0.5 0.4 0.5 0.0
cumene, wt% 6.6 55 4.1 3.7 8.3
propylbenzene, wit% 1.3 1.5 14 1.6 1.6
Gas Yield, wt% 0.3 0.7 1.0 5.1 0.6
Gas MW (average) 18.1 5.6 10.2 30.2 28.7
Hydrogen Consumption®
wit% of plastics . 0.8
wt% of H, charged 184

Table 2. Product Yields of HDPE Cracking in Different Reaction Environments at 440 °C

Reaction Environment Non-Catalytic, N> Catalytic, H,
Solvent-Free  Tetralin Decalin _ n-Decane Decalin
Total Conversion, wt% 55.6 14 20.7 248 385
Qil Yield, wt% 53.9 1.0 20.1 22.6 37.8
C5-C9 n-alkanes, wit% 6.8 0.1 1.1 8.7 0.9
Gas Yield, wt% 17 0.1 0.6 2.2 0.7
Gas MW (average) 275 55 22.6 31.3 451
H; Consumption?
wt% of plastics 0.1
wit% of H, charged 1.8

Table 3. Results of Non-Catalytic Thermal and Catalytic Liquefaction Runs for 50/50 PS
and PE Mixtures at 440 °C for 60 min

Reaction Environment | Solvent-Free Tetralin Decalin n-Decane
Thermal Catalytic} Thermal Catalytic| Thermal Catalytic Thermal Catalytic
Total Conversion, wt% 815 702 55.6 51.6 78.4 66.6 76.0 794
Oil, wt% 80.3 69.1 55.1 51.2 76.8 65.9 72.7 77.2
C5-C9 n-alkanes 5.9 1.4 0.4 0.2 2.1 1.0 176 17.8
n-alkylbenzenes with

C6-C9 side chains 1.1 0.2 0.3 0.2 1.1 1.0 39 1.0
Toluene, wi% 19.9 142 19.4 5.7 19.1 13.2 204 12.5
Ethylbenzene, wt% 16.4 216 127 29.4 8.1 215 5.1 233
Cumene, wt% 3.3 4.8 2.7 5.2 1.1 4.2 0.8 2.0
Gas, wt% 1.2 11 0.5 0.4 1.6 0.7 3.2 21
Gas MW (average) 232 36.0 44 4.7 15.9 337 28.1 33.0

H; Consumption* .
wit% of plastics 0.6 04 0.7 0.9
wi% of H, charged 50.S 9.1 17.0 20.9

Note: 1 Not including contribution from feed solvent
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Introduction

The use of solid acid catalysts for liquefaction of plastic and coprocessing of coal with plastic
has proven effective. " However, very good results have been obtained under thermal
liquefaction conditions and there is some question as to whether the use of a catalyst is justified.
In the current study, seven different catalysts were tested with two waste plastics: a relatively
clean waste plastic provided by the American Plastics Council and a somewhat dirtier plastic
provided by the Duales System Deustchland (DSD). Liquefaction experiments were carried out
at 435 and 445 °C on the APC plastic and at 445 °C on the DSD plastic.

The results at 435 °C show significant differences in the total conversions and oil yields.
However, at 445 °C, the liquefaction yields with different catalysts showed relatively small
differences. For the APC plastic, simulated distillation measurements on the oil fraction
obtained at 445 °C did show significant differences. The oils from most of the catalytic runs
exhibited higher fractions of gasoline (IBP - 200°C) and kerosene (200 — 275 °C) and lower
fractions of heavy oils 275 — 550 °C). The HZSM-5 zeolite catalyst was found to be the most
effective. The catalysts were less effective for the DSD plastic, possibly because of poisoning.

Experimental Procedure

All liquefaction experiments were performed using 50 ml tubing bomb microreactors. The
feedstocks were a commingled waste plastic obtained from the APC and a post consumer waste
plastic provided by the DSD. The APC plastic has been used in a number of previous
experiments. @ It is a relatively clean waste plastic that has been subjected to a wet washing
process to remove labels and inerts. The DSD sample is the same plastic feedstock used in the
German feedstock recycling industry. As discussed elsewhere, ® this material is subjected to
sorting, automated cleaning by magnetic, eddy current, air and screen separation techniques,
shredding, and agglomeration. The proximate and ultimate analyses of these materials are given
in Table 1.

Table 1. Proximate and ultimate analyses of the APC and DSD waste plastics (wt. %).

Proximate APC DSD Ultimate APC DSD
Volatile matter 98.8 93.8 C 84.7 79.0
Fixed carbon 0.74 1.08 H 13.7 13.5
Ash 045 444 N 0.65 0.67
Moisture 0.01 0.16 S 0.01 0.08

Cl 0.03 1.26

0 (difference) | 0.91 5.49

Approximately 10 g of feedstock was weighed and placed in a tubing bomb. Catalyst was added
ata 1 wi. % concentration (0.1g). The bomb was then purged with H; gas and charged to a final
cold pressure of 200 psig. The apparatus was immersed into a fluidized sand bath at the desired
temperature and agitated at 400 rpm. All of the data reported here were obtained from
experiments run at 435 °C for 30 minutes or 445 °C for 60 minutes. After liquefaction, the
sandbath is lowered and the tubing bomb is air-cooled to room temperature. The gas is collected
in a 40 m! gas bomb and weighed. The remaining sample is analyzed by conventional solvent
extraction methods. The total liquid conversion is the THF extractable material, while the oil
yield is defined as the pentane soluble liquid. Asphaltenes + preashpaltenes (A + PA) are
defined as the product that is soluble in THF but not in pentane.

For each reaction condition, two samples were run. A sample of the liquid product was taken
directly from the second tubing bomb and subjected to simulated distillation (SIMDIS) analysis
using a Perkin-Elmer gas chromatograph with the following operating parameters: column —
Petrocol B, 20° X 1/8” packed column; temperature - -10 to 360 °C with 10 °C/min ramp;
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detector — FID at 380°C; flow rate —35 ml/min He. SIMDIS software provided by Perkin-Elmer
was used to analyze the data. The results are reported as boiling point (BP) ranges as follows:
gasoline - TBP-200 °C; kerosene - 200-275 °C; and heavy oil - 275-550 °C.

Seven different catalysts were used in the liquefaction experiments. These included a
commercial HZSM-5 zeolite, (10 5 7r0,/WO0; catalyst, 1 and a number of catalysts synthesized
in our laboratories. The latter included fernhydrite treated with citric acid (FHYD/CA), 2,
ferrihydrite containing with 5 % Mo (FHYD/Mo), ® a Si0,-AL0; binary oxide, @ and two
Ti02-Si0, binary oxides with different atomic ratios ([Ti}/[Ti+Si}) = 0.85 and 0.85(+)) prepared
using the method of Doolin et al.

Liquefaction Results
The liquefaction results are shown in Figures 1-3 for the APC plastics. At 435 °C, the HZSM-5

catalyst gives the best oil yield and total liquid yield. However, it is not much more effective
than the other catalysts tested. Furthermore, the yield results obtained with no catalyst (thermal)
are as good as or better than those obtained with all of the catalysts tested except HZSM-5. At
445 °C, there is little or no difference in the yields obtained from the thermal run and the various
catalytic runs. The simulated distillation results, however, show that the catalysts do have an
effect on the quality of the oil product. It is seen that the thermal run gives a gasoline fraction of
about 27%, while the HZSD-5 oil product exhibited a gasoline fraction of 42%. The other
catalysts gave intermediate gasoline fractions, ranging from 28% for the SiO;-Al,O; to 38% for
the Ti0-Si0; ([Ti}/[Ti+Si}=0.95).

Some results for the DSD waste plastic are shown in Figures 4 and 5. At 445 °C, it is again seen
that the addition of a catalyst has very little effect. A high oil yield is obtained thermally, and no
significant change occurs as a result of adding 1 wt. % of any of the catalysts. Additionally, the
preliminary SIMDIST results on these samples indicate that the catalysts also have very little
effect on oil quality. The experiments on the DSD plastics will be completed with all catalysts at
both temperatures. Chemical analyses on the oil products will be performed to determine the
effect of the catalysts on heteroatom content, particularly CI.

Conclusions

The current results indicate that, at high liquefaction temperatures (445 °C), low concentrations
(~1 wt. %) of solid acid catalysts have relatively small effects on either the yield or the quality of
products derived from liquefaction of waste plastic. Although further testing is needed, this
suggests that thermal hydroprocessing of waste plastics at 440-450 °C is adequate to produce a
good oil product. This would decrease the operating costs of any commercial developments of
this technology. '

Acknowledgement: The authors would like to acknowledge the U.S. Department of Energy for
supporting this research under DOE contract No. DE-FC22-93-PC93053 as part of the research
program of the Consortium for Fossil Fuel Liquefaction Science.

References:

1. M.M. Taghiei, Z. Feng, F.E. Huggins, and G.P. Huffman, 1994, Energy & Fuels, 1228-1232.

2. Z. Feng, J. Zhao, J. Rockwell, D. Bailey and G.P. Huffman, 1996, Fuel Proc. Tech., 49,17-

30.

W.B. Ding, W. Tuntawiroon, J. Liang, L.L. Anderson, 1996, Fuel Proc. Tech., 49, 49-63.

M. Luo and C.W. Curtis, 1996a, Fuel Proc. Tech., 49,91-117.

W. Zmierczak, Xin Xiao, Joseph Shabtai, 1996, Fuel Proc. Tech., 49, 31-48.

J. Shabtai, X. Xiao, and W. Zmierczak, 1997, Energy & Fuels, 11, 76-87.

X. Xiao, W. Zmierczak and J. Shabtai, 1995, Amer. Chem. Soc., Div. Fuel Chem. Preprints,
40(1), 4-8.

.K.R. Venkatesh, J. Hu, W. Wang, G.D. Holder, J.W. Tiemey and I. Wender, 1996, Energy &

Fuels, 10, 1163-1170.

9. G.P. Huffman, “Feasibility Study for a Demonstration Plant for the Liquefaction and
Coprocessing of Waste Polymers and Coal,” paper in this volume and DOE report (in
preparation).

10. HZSM-5 provided by Dr. Fred Tungate, United Catalysts Corporation.

11. ZrO»/WO; prepared by Dr. Francis Acholla, Rohm & Haas Corporation,

12.J. Zhao, Z. Feng, F.E. Huggins and G.P. Huffman, 1994, Energy & Fuels, 8, 1152-3.

13.J. Zhao, Z. Feng, F.E. Huggins and G.P. Huffman, 1994, Energy & Fuels, 8, J. Zhao, Z.
Feng, F.E. Huggins and G.P. Huffman, 1994, Energy & Fuels, 8, 38-43.

14. P.K. Doolin et al., 1994, Catalysis Letters, 38, 457.

N kW

o

979



70

60

50

40

30

20

Figure 1. Liquefaction yields at 435 C, 200 psig H2 (cold), 60 minutes.

ind

%.1
T
£ s
g =

Figure 3. Comparison ot simdist resuits for thermal and catalytic runs.

Thermal

AlSi

TiSi(85+)

FHYD/CA

980

O Gasoline
0 Kernseno
® Heaw Oils

FHYD/Mo

ZO2/W03  TiSi (85) HZSM-5




60

50

40

30

20

100
90
80
70
60
50
40
30

20
10

Figure 4. Liquefaction yields for DSD plastic at 445 C.

Total

Qil
A+PA

Thermal
HZSM
FHYD/CA
FHYD/Mo
ZrO02/W03

Figure 5. Simdist results for oil from DSD plastic.

O Gas
W A+PA
ooi

B Total

OGasoline
B Kerosene

M Heavy Oil

ZrO2/W03




EFFECTS OF CATALYST ACIDITY AND STRUCTURE ON POLYMER
CRACKING MECHANISMS

Rong Lin, Darrel L. Negelein, and Robert L. White
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University of Oklahoma, Norman, OK 73019
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INTRODUCTION

Communities in the United States need alternatives to municipal solid waste
landfilling. Of the solid waste components currently placed into landfills, plastics are
particularly undesirable because of their limited biodegradability. A variety of plastic waste
recycling methods have been established and new recycling approaches are being developed
to avoid placing polymers into landfills. One approach to waste plastic recycling, known
as tertiary recycling, consists of converting plastics info useful chemicals. The development
of efficient processes for waste plastic tertiary recycling will require detailed fundamental
data on the direct catalytic cracking of polymers without complications due to reactions of
primary cracking products with polymer residue. Secondary reactions can be minimized
by maintaining high catalyst to polymer ratios and providing efficient and rapid removal
of volatile products. This work was carried out to investigate the potential use of catalytic
cracking to convert plastics wastes into mixtures of useful chemicals. The effects of silica-
alumina, HZSM-5 zeolite and sulfated zirconia catalysts on the thermal degradations of
poly(ethylene), poly(propylene) and poly(styrene) are described.

EXPERIMENTAL

Samples examined in this study were: poly(ethylene) (PE) (MW=80,300),
poly(propylene) (PP) (MW= 250,000), poly(styrene) (PS) (MW=850,000), and these
polymers coated on silica-alumina, HZSM-5, and sulfated zirconia cracking catalysts (10-
20% (wt/wt)). All polymer samples were purchased from Aldrich Chemical Company
(Milwaukee, WI). The silica-alumina catalyst was provided by Condea Chemie GmbH
(Hambug, Germany) and contained 11.8% by weight alumina and had a surface area of
282 m?/g. The HZSM-5 zeolite was obtained from Mobil Oil (Paulsboro, NJ) and was
characterized by a 1.5% alumina content and a 355 m?/g surface area. The sulfated
zirconia catalyst was synthesized by following procedures described previously!!). The
sulfated zirconia catalyst had a surface area of 157 m?/g and contained 9% by weight
sulfate. Polymer/catalyst samples were prepared by dissolving polymers in proper solvents,
adding catalyst, and then rotoevaporating the mixture to remove solvents. The resulting
PE and PP coated catalyst samples were dried at 120°C, and the PS coated catalyst samples
were dried at 90°C for several hours.

The apparatus used for pyrolysis-GC/MS, TG-MS and TG-GC/MS measurements have
been described previously!®®l. Pyrolysis separations were achieved by using a HP 5890
capillary GC with a DB-5 column (0.25 um film thickness). The gas chromatograph oven
temperature program consisted of a 2 min isothermal period at -50°C followed by a
5°C/min ramp to 40°C followed by a 10°C/min ramp to 280°C, and then isothermal at
280°C for 5 minutes for PE and PP samples. For PS samples, the GC oven temperature
programs consisted of a 2 minute isothermal period at -50°C followed by a 10°C/min
ramp to 280°C, and then another isothermal period at 280°C for 5 minutes. For TG-MS
studies, samples were heated from 50°C to 600°C at nominal heating rates of 1, 10, 25,
and 50°C/min, with a He purge gas flow rate of 50 mL/min. For TG-GC/MS studies, a
Valco Instruments, Inc. (Houston, TX) eight port heated sample injector was employed to
divert small volumes (ca. 100 pL) of TG effluent into a 30 m DB-5 capillary column (0.25
um film thickness). TG-GC/MS signal averaged mass spectra were acquired at rates
ranging from one to two per second, depending on the mass range that was scanned. A
5 mL/min He carrier gas flow rate through the TG-GC/MS chromarographic column was
employed for all separations. TG-GC/MS column effluent was split prior to entering the
mass spectrometer to maintain an ion source pressure of 5 x 107 torr.
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RESULTS AND DISCUSSION

Figure 1 shows pyrolysis GC/MS results for neat PE and PE/catalyst samples
obtained at 500 °C and demonstrates the dramatic effects of catalysts on PE thermal
degradation®. All four chromatograms shown in Figure 1 were obtained by using the
same separation conditions and they are plotted on the same time scale. The bottom
chromatogram represents the volatile products from pyrolysis of neat PE at 500°C and
contains numerous high molecular weight species. However, in the presence of cracking
catalysts, more than 85% of volatile products were hydrocarbons in the C, to C,, range.
Therefore, the effect of the catalyst was to restrict the molecular weight range of volatile
products, leading to the formation of low molecular weight species. With increasing
catalyst acidity, more saturated hydrocarbons were produced relative to unsaturated
hydrocarbons. Large amounts of aromatics were detected for the sample containing HZSM-
5 zeolite. The most abundant volatile products generated by PE cracking were isoalkenes,
which differs from previous reports that isoalkanes were the primary products. However,
the mechanisms proposed for isoalkane formation require protonation of initially formed
alkenes followed by hydride abstraction from the polymer residue. The rapid removal of
volatile products during cracking minimized secondary reactions and therefore was an
effective means to study the effects of catalysts on the initial polymer cracking reactions.
TG-MS results indicated that poly(ethylene) cracking on all three catalysts occurred in
three steps. Saturated and unsaturated hydrocarbons evolved in the first two steps and
aromatics evolved in the third step.

Pyrolysis GC/MS results for neat PP and PP/catalyst samples obtained at 500 °C are
shown in Figure 2. The presence of catalysts led to the preferred formation of low
molecular weight species. Volatile product distributions depended on the choice of
catalyst’®). It was found that the most abundant neat PP thermal degradation volatile
products were C, to C;5 olefin homologues separated by three carbon atom intervals. The
most abundant saturated volatile products were C, alkanes. Catalytic cracking of PP/SA
samples produced a significantly different volatile product distribution than neat PP thermal
degradation. The most abundant volatile products were C,, C; and C, alkenes. The amount
of char remaining on catalyst surfaces was found to be approximately 1% of the initial
polymer mass. In the presence of Zr0,/SQ, catalyst, the most abundant volatile products
were saturated hydrocarbons. All of the volatile products detected were C,, or smaller.
However, an increase in unsaturated volatile product yields was found at higher
temperature. The significant difference between PP/Si-Al and PP/Zr0,/SO, cracking
products indicates that catalyst acidity plays a vital role in determining volatile product
slates. Sulfated zirconia, a very strong acid catalyst, siy hificantly lowered the temperature
at which catalytic cracking occurred and facilitated hydride abstractions, resulting in large
yields of saturated hydrocarbons and the formation of large amounts of residue (ca. 15%).
Like the PP/Si-Al sample, the PP/HZSM-5 sample yielded primarily unsaturated volatile
products. The organic residue left on catalysts was estimated to be approximately 1%. In
contrast to the PP/Si-Al and PP/Zr0,/SO, samples, HZSM-5 channels restricted reaction
volume, which resulted in relatively large yields of alkyl aromatics.

Catalytic cracking mechanisms of PS also differ considerably from the thermal
degradation mechanisms'®!. Pyrolysis GC/MS results (Figure 3) indicate that styrene was
the most abundant volatile product resulting from neat PS thermal degradation. The
relative yield of styrene was 68% when PS was pyrolyzed at 400 °C. However, benzene
was the most abundant product when PS was catalytically cracked. The relative yield of
benzene was found to be as high as 60% for the PS/HZSM-5 sample and over 30% for
samples containing Si-Al and sulfated zirconia catalysts. Very little styrene was detected
for all three PS/catalyst samples. TG-GC/MS results for the PS/Zr0,/SO, sample are
shown in Figure 4. The broken line in this figure denotes the TG weight loss curve for the
sample. Polymer decomposition occurred primarily between 150 and 350 °C. The second
weight loss step results from the decomposition of the catalyst. The solid line in Figure 4
denotes the TG-GC/MS total ion current, which is plotted as a function of the TG
temperature at which GC injections were made. This plot contains 31 separate
chromatograms obtained during one TG weight loss analysis. It can be seen that at low
temperature there is only one peak, corresponding to benzene. With the increasing of
temperature, more peaks appear in chromatograms, indicating the formation of more
cracking products. Peaks at high temperature (i.e > 400 °C) correspond to the formation
of SO, and suggest that the sulfated zirconia catalyst decomposed. Figure 5 shows a TG-
GC/MS chromatogram obtained from TG effluent that was injected when the TG sample
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temperature was 240 °C. More than 25 peaks were detected in this chromatogram. The

broken line in Figure 5 denotes the GC oven temperature ramp employed for separations. ‘
It was found that benzene was by far the most abundant volatile product and was
produced at temperatures well below those at which the other volatile products were
detected. All of the PS/catalyst samples produced alkyl benzenes and indanes, but styrene
and indenes were only detected for samples containing HZSM-5 zeolite.

TG analyses were carried out to investigate the effects of catalysts on volatilization
activation energies. TG weight loss data obtained by using different heating rates (1, 10,
25 and 50 °C/min) were used to calculate volatilization activation energies by using the
method described by Friedman!”). Volatilization activation energies calculated from TG
weight loss information are given in Table 1. The highest volatilization activation energies
were obtained for the neat polymer samples. All three catalysts lowered the activation
energy for PE thermal degradation significantly. The order of catalyst activities was found
to be in the order of increasing catalyst acidity: ZrO,/SO, > HZSM-5 > Si-Al.

CONCLUSIONS

The effects of different catalysts on catalytic cracking product distributions derived
from polymer/catalyst samples were studied. It was found that volatile product
distributions were affected by the choice of catalyst as well as the cracking conditions. In
general, catalysts caused volatile hydrocarbon products to be smaller than neat polymer
thermal decomposition products. Overall volatilization activation energies for PE, PP, and
PS thermal decompositions were considerably reduced by the presence of cracking catalysts
and the magnitude of the reduction depended directly on the catalyst acidity. A lowering
of the overall volatilization activation energies by cracking catalysts is desired for polymer
recycling applications because it greatly reduces the cracking temperature required to o
decompose plastic wastes, which, reduces operational costs of the process.
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Table 1. Volatilization Activation Energies (kcal/mol)

Catalyst PE PP PS
none 59 +1 48 + 1 49 + 1 }
Si-Al 37x3 33+1 39 %1 ‘
HZSM-5 311 29+ 1 36 =1
Zr0,/S0, 28+ 2 27 1 29 * 2 :
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CATALYTIC DEGRADATION OF HIGH DENSITY POLYETHYLENE
AND WASTE PLASTIC BELOW 200 °C

G.S. Deng, W.H. McClennen, H.L.C. Meuzelaar, Center for
Micro Analysis and Reaction Chemistry, University of Utah, S.L.C, UT84112

Introduction

High density polyethylene (HDPE) is the dominant component of several major waste plastic
streams. Furthermore, under thermally as well as catalytically controlled degradation conditions,
HDPE is clearly an excellent potential source of hydrocarbon products. Unfortunately, HDPE is
notoriously resistent against thermal degradation, requiring pyrolysis temperatures well above 400°C
in order to exhibit sufficiently high degradation rates[1]. These high temperatures lead to loss of
selectivity, increased secondary reactions, coke formation and reduced catalyst life. Although
Wender et al. reported catalytic scission of polymethylenic bonds at temperatures as low as 160°C
in short chain paraffinic compounds such as hexadecane[2], few authors have reported successful
catalytic conversion of HDPE below 300 °C. The two main obstacles encountered appear to be the
limited mobility of long chain molecules even in the molten stage and poor hydrogen (H,) diffusion,
thus leading to transport-limited interactions between catalytic sites and potential bond scission sites.
Also the frequent presence of organic and inorganic moieties other than HDPE that negatively affect
catalyst performance, e.g. through catalyst deactivation (“fouling”) poses a formidable obstacle
against successful catalytic convertions of waste plastic. Attempts to reduce transport limitations for
loug chain HDPE molecules have included use of very high catalyst loadings[3], or improved mixing
and blending techniques for catalyst and polymer e.g. by means of cryogenic milling[4] or through
solvent blending[3].

The present research was concerned with a systematic investigation of the catalytic degradation of
HDPE polymers at low temperature under H, pressure, using finely dispersed superacid catalysts,
i.e. PVZrO,/SO,. A Cahn model 151 high pressure thermogravimetry (HPTG) system with specially
constructed on-line gas chromatograpliy/mass spectrometry (GC/MS module) capable of recording
temperature programmmed GC/MS profiles at 90 second intervals provides detailed kinetic (rates,
yields) and wechauistic (product identity) information from a single HPTG run.

Experimental

Materials. Four different HDPE samples were studied: (1) a pure HDPE (den., 0.96g/cm’;
average MW, 250,000; Tm, 135 °C) provided by HT] and originally manufactured by Solvay
polymers; (2) a pure HDPE (dex., 0.959 g/cin®; average MW, 125,000; Tm, 130°C) obtained from
Aldrich Chemical Co.; (3) a HDPE-rich commingled waste plastic sample (primarily HDPE with 5-
10% polypropylene, 3-5% polystyrene aud 1-2% inorgauic fillers plus orgauic colorizing agents)
provided by the American Plastics Conncil (APC) and included in the University of Utah Waste
Materials Sample Bank; (4) a cleaned milk bottle without its cap aud label.

Catalysts. The solid superacid catalysts ZrO,/SO, and Pt-stabilized Zr0,/SO, ( 0.5%Pt ), were
prepared by Wender and Shabtai as described in previous papers[2,5]. The zeolite-based HZSM-5
catalyst was supplied by Aldrich Chemical Co.

Experimental Procedure. Experiments with high density polyethylene (HDPE) and HDPE-rich
waste plastic in the presence of various catalysts were performed in a high pressure TG/GC/MS
system under different hydrogen pressures (or helium). Details of the high pressure TG/GC/MS
system have been described previously[6]. Different temperature programs were employed to better
distinguish the effect of different conditions on reaction kinetics.

Dry blending of catalyst and polymer was performed by hand mixing the powdered material inside

.a quartz TG crucible with a thin metal rod. To achieve better blending of catalyst and polymer,

30 mg polymer samples were dissolved in 10 ml of toluene at about 100 °C. After the addition of
catalyst, the mixture was shaken while the solvent was removed and then dried for 3 hours at
130°C. Sample quantities of 30-40 mg were used in each TG/GC/MS experiment.

Results and Discussion

Catalyst loading and sotvent blending

Figure 1a demonstrates that both a catalyst (here at 16% loading) and hydrogen atmosphere are
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needed to achieve sustained high degradation rates at 375 °C. However increased hydrogen pressure
above 600 psig does not produce markedly higher rates at this temperature. Figure 1b indicates that
improved blending of polymer and catalyst using a solution slurry method in toluene can be as
effective as increasing catalyst loadings. Interestingly, the first weight loss appears to occur just
above 200 °C. As shown in Figure Ic, increasing the catalyst loading to 25% leads to complete
decomposition of HDPE below 300 °C during the heat-up phase. Even a (much less reactive) waste
plastic sample shows more than 40% weight loss before reaching the isothermal heating stage at
375 °C under these conditions. Therefore, it appears that physical (transport related) process are rate
limiting in the case of HDPE polymer. If so, higher couversion rates and lower reaction temperatures
should be achievable by measures that increase catalyst loadings and facilitate contact between the
catalyst surface and the polymer matrix.

These observations encouraged us to go to much lower temperatures as well as higher catalyst
loadings. Figure 2a shows that very fast degradation rates can be achieved at 200 °C and 600 psig
H, when using pure HDPE and Pt stabilized Z10,/SO, at 50 % loading whereas only minimal weight
loss is observed when using solvent blending of 50% non Pt stabilized ZrO,/SO, or 50% HZSM-5.
Clearly, HZSM-5 induced rates are not enhanced by the same factor as the superacid catalyst rates.
Apparently, the rate limiting step is not affected by just increasing the amount of catalyst surface
available. Possibly other factors such as diffusion into the HZSM-5 zeolite cavity may be rate
limiting here, as also evident in figure 1a. Reduction of the H, pressure to 25 psig causes marked rate
reduction. However, further increase of catalyst loading to 70% can largely enhance the reaction rate
and yield as shown in figure 2b.

The reaction conditions illustrated in figure 2b are worth contemplating a little further, as they
suggest that HDPE in more or less pure form can nearly be degraded in a household style pressure
cooker (200 °C and 25 psig), thus potentially reducing the high cost of high temperature, (high)
pressure reaction vessels, and auxilary systems.

Temperature

Figure 3a and b illustrate the effect of temperature on the reaction rates of two different HDPE
model compounds, obtained from HT1 (MW: 250,000) and Aldrich (MW: 125,000) respectively.
Note that the HDPE from HTI appears to be more reactive (in spite of its higher MW) both with
regard to maximum rate achieved as well as highest couversion yield. The cause of the nearly 10%
residue in the Aldrich sample at 200 °C is unknown. Tlis is not simply char formation, since all of
the residue is converted at 400 °C. Further studies are underway to explain this phenomenon.

Pressure of H,

Figure 4 a,b,c illustrate the effect of changes in H, pressure on the two different pure HDPEs and
on a HDPE-rich waste plastic samiple. The HTI sample degraded faster and more completely at
200 °C than the Aldrich sample. Furthermore, figure 4c illustrates that nearly 80% of the waste
polymer sample can be converted at 200 °C.

Sorted waste plastic

The effects of contaminants, additives or residues on the conversion behavior of waste polymers
are also well recognized. A variety of organic (e.g. sulfur or nitrogen containing) and inorganic (e.g.
heavy metal containing) compounds are known to be capable of deactivating catalysts. Among the
catalysts known to be effective in degradating polymethylenic bonds, the superacids are known to
be highly susceptible to activity loss through coke deposit formation. Figure 5 shows the behaviour
of a variety of waste plastic samples indicating wide differences in the reactivity of the specific waste
plastic components which were hand-picked fiom the APC sample, e.g. clear (HDPE rich) materials,
white (filled) cap components and labels (or label like) material. Individual component profiles and
mixture profiles are shown in figure 5. Note how the clean milk bottle sample degraded as fast as
pure HDPE model compound. “Cap material” behaves much like a moderately char forming
polymer. Note that the initial 30% residue formed at 200 °C nearly completely degrades at approx.
450 °C, thus reducing the likelihood that a inorganic filler is responsible for the observed residue.
Finally, the paper/label like fraction (handpicked ) does not show any detectable weight loss below
300°C. The mixture samples of “paper” + “plastic” and “paper” + “cap” + “plastic” show marked
residue formation. The fact that the measured conversion rates and yields fall well behind the

predicted rates of summed weight loss curves of the components suggest the effects of catalytic
deactivation.

By examing the evolution profiles of volatile products by means of GC/MS, the distribution of
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different types of product distributions as a function of reaction gas and catalysts can be measured.
Figure 6 shows that effective catalysts increase the degree of saturation and markedly decrease the
degree of aromaticity (nearly zero) in addition to increasing reaction rates and decreasing reaction
temperature as shown in Figure 1. HZSM-5 also showed a tendency to promote the formation of
aromatic products (not shown here) as noted in previous experiments[7]. In addition, the product
distributions of thermal reaction in H, or He are different, although their reaction rates are nearly the
same as shown in Figure 1a. Typical analytical results corresponding to curve 3 in Figure 2a are
demonstrated in Figure 7. The repetitive chromatogram for the whole run (Figure 7a) indicates that
the catalytic decomposition of HDPE occurs in the about 16~35 minutes run time (200 °C
isothermal) Furthermore, by selecting a particular ion chromatogram, the evolution ratio of the
corresponding products during the reaction can be visualized. The expanded total ion chromatogramn
for one sampling interval (Figure 7b) shows the range of GC separated paraffin products which are
similar to the products for non Pt promoted ZrO,/SO, *[7]. The predominance of saturated aliphatic
products is shown in the 15 to 37 minute average mass spectrum (7c).

Conclusions

Platinum stabilized ZrO,/SO, * (PUZrO,/SO, *) is mnch more effective than non promoted
Z10,/SO, ¥ in maintaining high conversion rates for HDPE polymers and HDPE-rich waste plastic
at 200°C. Also, it readily outperforms HZSM-5. Even under low pressure (25 psig H,) conditions,
Pt/Zr0,/SO, * shows high activity by means of high catalyst loading and solvent blending. In
addition, there are wide differences in the reactivity of the various waste plastic components over
Pt/Zr0,/SO,*. Furthermore, the on-line GC/MS monitoring technique offers an effective tool in
studying catalytic conversion processes.
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INTRODUCTION

The recovery of value from the growing volume of mixed polymers in post-consumer
waste presents technical and economic challenges when compared to the typical
methods of disposal by landfiling and mass buming, which have raised some
environmental concerns. Included with typical polymer waste, which currently ends up
in landfills, is nearly 3 billion pounds of carpet per year. The high value of the nylon-6,
nylon-6/6, and polyester face fiber material is an incentive for their recovery. However,
the nature of the carpet construction (face fiber woven into a mixed polymer and
inorganic backing material) makes typical recycling methods, such as regrind and
remelt, impractical and uneconomical. Integrated, thermocatalytic processing, starting
with selective catalytic pyrolysis to recover the high value monomers and followed by
gasification of the residual material to generate process energy, is an approach which
has shown great promise for recovering the maximum value from this current waste
stream.

Selective pyrolysis is a catalytic, thermal technique which optimize the differences in
pyrolysis reaction rates. The pre-sorting requirements for feedstock preparation and the
isolation and purification of pyrolysis products are minimized by controlling reaction
conditions so that target products can be collected directly in high yields from the waste
stream.' Figure 1 shows the approach used in this work, which has three major
components: (1) identifying target waste streams, (2) developing techniques for the
control of conversion processes, and (3) targeting the recovery of high-value chemicals,
which are recovered in economically attractive yields. Technoeconomic assessments
are used throughout the development process to characterize potential waste streams,
identify areas in which improvements can be made, evaluate the overall economic
attractiveness of the technology, and compare the technology to competing
technologies.

Target wastes include both high-value and high-volume systems. Examples of high-
value wastes include the recovery of caprolactam from nylon-6 and bisphenol-A from
polycarbonate, both of which currently sell for greater that $0.70 per pound. High-
volume wastes include mixed bottles and residential waste. The high-volume wastes
are of great importance, but the economics are not favorable due to the low value,
generally less than $0.15 per pound, of the monomers and chemicals which can be
recovered.

In the initial stages of the work, numerous small scale screening experiments are
necessary to identify the appropriate catalyst(s) and conditions to optimize the
separation and recovery for each of the waste streams. Milligram scale experiments
can be studied using pyrolysis molecular beam mass spectrometer (MBMS). The
effective quenching of species in their sampled state through free-jet expansion makes
MBMS a valuable tool for identifying pyrolysis products.?* Figure 2 shows a schematic
of the MBMS used for these experiments. Milligram samples of the plastics are
thoroughly mixed with catalyst in a small metal boat. The boat is subsequently inserted
into a furnace where hot helium gas is used to sweep the pyrolysis vapors through the
reactor. A portion of the vapors are expanded across the stage one orifice on the apex
of a cone. The orifice is the entrance to a low-pressure chamber and the pressure
difference is sufficient for free-jet expansion, which preserves both light and heavy
compounds produced upon pyrolysis. A second expansion collimates a molecular
beam, which is introduced into the ion source of the mass spectrometer.

Unlike other pyrolysis-mass spectrometric techniques, large samples can be empioyed
in MBMS studies. The product evolution curves for four of the major packaging plastics
are shown in Figure 3. The mixture of pure plastics was pyrolyzed by heating at a rate
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of 40°C/min in flowing helium. The rates of product evolution are shown by the key ion
current curves that represent major products from each polymer. The times of
maximum product evolution for each polymer are different. This suggests that by use
of a controlled heating rate, resolution of the individual polymer pyrolysis products may
be possible, even for a complex, mixed, plastic waste stream. The PET-derived
terephthalic acid (TPA) curve shows two maxima: the first at ~350°C and the second
at ~450°C. The first maximum is the result of acid-catalyzed product formation. This
demonstrates how a catalyst can be used to selectively influence the rate of product
formation and allow the separation of product formation from other components of a
mixture.

Once the range of conditions has been sufficiently narrowed, bench-scale experiments
can be performed using a stirred-batch or two inch fluidized bed reactor to enable
product collection and analysis via conventional analytical techniques. A two inch glass
fluidized bed reactor with a heated vacuum shroud enables observation of the melting
characteristics of the material as it moves through the fluidizing medium, quickly
identifying and heat or mass transfer limitations. After the conditions have been
optimized in the two inch reactor, the process is transferred to a continuously fed,
engineering scale, four inch fluidized bed reactor. This reactor allows for careful
monitoring of temperature and pressure drops. Bed withdrawal enables the reactor to
be run in a continuous mode. Validation of the process at this level enables the scale-
up to a process development unit (25 kg/hour).

TECHNOLOGY STATUS

The selective pyrolysis technique has been demonstrated on recovering caprolactam,
the monomer of nylon-6, from nylon-6 face fiber carpet, which currently accounts for
around 30% of the carpet produced in the United States. A catalyst system allows
caprolactam to be recovered at a lower temperature, leaving the polypropylene backing
material and the styrene butadiene latex unreacted. Figure 4 shows a ramp and hold
experiment, monitored by the MBMS, where nylon-6 and polypropylene are mixed in a
steel boat with the catalyst. While the temperature is held around 400°C, caprolactam
from the depolymerization of nylon-6 is cleanly recovered. Subsequent heating of the
sample pyrolyzes the polypropylene and demonstrates that all of the nylon-6 was
depolymerized at the lower temperature. Additional catalyst screening identified a
catalyst system which improved the depolymerization further, allowing the reaction
temperature to be lowered while maintaining a rapid, clean separation of the
components.

Continuous tests were performed in a four inch fluidized bed reactor, using shredded
whole carpet, and resulted in reproducible caprolactam yields of 85%. Economic
analyses performed independently by industry representatives have shown that high
purity caprolactam can be recovered from waste nylon-6 carpet for around $0.50 per
pound for a plant which produces 100 million pounds of caprolactam per year. This
estimate encompasses the complete process from collection to product purification and
assumes that the polypropylene and styrene butadiene used in the carpet backing will
be burned for process heat. The major contributor to the production cost is the price for
coliection and sorting which accounts for around half of the production cost (~$0.25 per
pound of caprolactam produced).

Other applications of the selective pyrolysis technology which have been or are being
studied include: recovering dimethy! terephthalate (DMT) from PET containing waste
streams, such as polyester carpets, mixed bottles and polyester/cotton fabric blends;
bisphenol-A from polycarbonate containing wastes, principally electronics; diisocyanates
or diamines from polyurethanes, both methylene and toluene based, from both
automotive and appliance applications; phenol, cresol, and xylenol from phenalic resins;
and styrene from polystyrene containing residential waste. The PET application is the
furthest advanced (after the nylon-6 application). Two inch fluidized reactor results have
shown that DMT is recovered from pure PET and mixed PET and polypropylene in
yields of greater that 85% when methanol is used as a coreactant in conjunction with
the catalytic selective pyrolysis. DMT can also be recovered from waste polyester fabric
at comparable yields.
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FUTURE WORK

Current efforts have turned to addressing the problem of the other face fiber materials,
nylon-6/6 and PET. The ultimate goal will be to eliminate the need to sort the carpet by
face fiber material. It is envisioned that by combining selective pyrolysis with novel
purification and separation techniques, all carpets can be pyrolyzed simultaneously
while maintaining the ability to separate and recover the valuable. The remaining
material, both the backing material and the polyethylene and polypropylene face fiber
carpet, will be combusted to fuel the process. An alternative to simply burning the low
value material for process energy is to gasify it to produce a clean synthesis gas. This
synthesis gas can be used as a feedstock for the production of a wide range of
chemicals.

Successful demonstration of the selective pyrolysis approach to handling mixed carpets
will be expanded to a complete "Flexible Chemical Processing" technique, wherein any
type of plastic waste will be handled at a single processing plant. Minimal on-sight
sorting will be used to group high-value wastes which can undergo selective pyrolysis
to recover the monomers or other high-value chemicals. The remaining waste can be
gasified to recover synthesis gas. A portion of the synthesis gas will be used to supply
energy for the plant, while the remaining will be converted to chemicals, such as
methanol, further fessening the demand for petroleum feedstocks. it is estimated that
approximately 10 biilion pounds of textile, automotive, and home furnishings waste is
available for collection per year. Currently, there are at least 25 major cities in the
United States which could support a 200 million pound per year processing plant,
resulting not only in an economic way to significantly reduced waste, but also in an
energy savings of approximately 7 trillion Btu per year per plant.

CONCLUSIONS

Selective pyrolysis is a diverse technology which has shown promise for being able to
recover high-value products from complex mixed plastic waste streams. The ability to
recover caprolactam from waste nylon-6 carpet has been demonstrated to be both
feasible and economical at the engineering scale. This technology combined with novel
purification technology has the potential to significantly reduce the nearly 3 billion
pounds of annual carpet waste. More importantly, high-value products like caprolactam,
which sells for around $0.70 per pounds, are obtained and can be purified to the same
grade as virgin material, lessening the demand for petroleum feedstock. Further
expansion of this technology will yield the ability to handle even larger plastic waste
streams including other textiles, home furnishings, automotive dismantling residue, and
residential wastes.
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ABSTRACT

Disposal of plastic waste is a worldwide problem that has prompted investigation of
plastics recycling, including thermolysis methods. Most basic research on degradation, however,
is for single polymers. Waste streams usually contain mixtures of polymers and it may be costly
to separate them prior to degradation. Degradation rates depend on the mixture type, and adding
another polymer can increase, decrease, or leave unchanged the degradation rate of the first
polymer. Determining the decomposition mechanisms for polymer mixtures is of great interest
for polymer recycling. In this study, we present techniqucs to determine the degradation kinetics
of solubilized binary polymer mixtures by examining the time evolution of molecular-weight
distributions (MWDs). Because the reaction mechanism for polymer degradation involves
radicals, we have developed an approach that accounts for the elementary reactions of initiation,
termination, hydrogen abstraction, and chain scission. We determined the concentration effect of
poly(e-methyl styrene) (PAMS) on the random-chain degradation of polystyrene dissolved in

mineral oil at 275 °C in a batch reactor by evaluating the time evolution of the MWDs.
Molecular-weight moments yielded expressions for the number- and weight-average MW and
degradation rate coefficients. The experimental data indicated that the interaction of mixed
radicals with polymer by hydrogen abstraction caused the random-chain scission degradation
rate of polystyrene to decrease with increasing PAMS concentration.

INTRODUCTION )

The rate of polymer degradation can be modified by the addition of conventional free-
radical initiators, oxidizers or hydrogen donors but it might be easier to alter the degradation rate
by blending two polymers (Gardner et al., 1993). Degradation studies by pyrolysis of polymer
mixtures have reported varied results. For example, some reports indicated a significant
interaction between polystyrene and polyethylene (Koo and Kim, 1993; Koo et al.,, 1991;
McCaffrey et al., 1996), while others observed no interaction between these polymers (Roy et
al,, 1978; Wu et al,, 1993). The pyrolytic polystyrene degradation rate was significantly

enhanced in the presence of p. y(methyl acrylate) and poly(butyl acrylate) at 430 °C (Gardner et
al., 1993). Richards and Salter (1964), on the other hand, observed that the rate of polystyrene
degradation decreased with increasing molecular weight (MW) of added PAMS. These reports
suggest the need for an analysis of the underlying reaction mechanisms.

Degradation of polymers in solution has been proposed to ameliorate problems
encountered in commercial applications (Sato et al., 1990). The degradation of polystyrene
(Murakata et al., 1993; Madras et al., 1996c¢), poly(styrene-allyl alcohol) (Wang et al., 1995),
poly(methyl methacrylate) (Madras et al., 1996a), PAMS (Madras et al., 1996b) in solution have
been investigated. No studies on the degradation of polymer mixtures in solution, however, have
been reported.

EXPERIMENTS

The HPLC (Hewlett-Packard 1050) system consists of a 100 pL sample loop, a gradient
pump, and an on-line variable wavelength ultraviolet (UV) detector. Three PLgel columns
(Polymer Lab Inc.) (300 mm x 7.5 mm) packed with cross-linked poly(styrene-divinyl benzene)
with pore sizes of 100, 500, and 10,000 A are used in series. Tetrahydrofuran (HPLC grade,
Fisher Chemicals) was pumped at a constant flow rate of 1.00 mL/min. Narrow MW
polystyrene standards of MW 162 to 0.93 million (Polymer Lab and Aldrich Chemicals) were
used to obtain the calibration curve of retention time versus MW, which was stable during the
period of the experiments. The calibration curve, modeled as a second-order polynomial,
indicates a higher accuracy in the measurement of lower MW polymers.

The thermal decomposition of polystyrene in mineral oil was conducted in a 100 mL
flask equipped with a reflux condenser to ensure the condensation and retention of volatiles. To
observe a significant effect of PAMS on the conversion, polystyrene of high MW was chosen.
60 mL of mineral oil (Fisher Chemicals) was heated to 275 °C, and various amounts (0 - 0.60 g)
of monodisperse PAMS (MW = 11,000, Scientific Polymer Products), and 0.12 g of
monodisperse polystyrene (MW = 330,000, Aldrich Chemicals) were added. The temperature of
the solution was measured with a Type K thermocouple (Fisher Chemicals) and controlled
within £ 1 °C by a Omega CN-2042 temperature controller. Samples of 1.0 mL were taken at
15 minute intervals and dissolved in 1.0 mL of tetrahydrofuran (HPLC grade, Fisher
Chemicals). The chromatograph obtained by injecting 100 pL of this solution into the HPLC-
GPC system was converted to MWD. The peaks of the reacted polystyrene, PAMS, and the
oligomers were distinct, so that moments could be calculated by numerical integration. Because
the solvent mineral oil is UV invisible, its MWD was determined with a refractive index (R1)
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detector. No change in the MWD of mineral oil was observed when the oil was heated for 3
hours at 275 °C without polystyrene.

THEORETICAL MODEL .

According to the Rice-Herzfeld mechanism, polymers can transform without change in
MW by hydrogen abstraction. Their radicals can also undergo chain scission to form lower MW
products, or undergo addition reactions yielding higher MW products. Chain scission can occur
either at the chain end yielding a specific product, or at a random position along the chain
yielding a range of lower MW products. .

In the present treatment, two common assumptions simplify the governing equations.
The long-chain approximation (LCA) (Nigam et al., 1994; Gavalas, 1966) postulates that the
initiation and termination rates are negligible because such events are infrequent compared to
hydrogen abstraction and propagation-depropagation chain reactions. The quasi-stationary state
approximation (QSSA) applies when radical concentrations are extremely small and their rates of
change are negligible. The proposed scheme, based on the Rice-Herzfeld concept (Nigam et al,,
1994) of chain reactions, includes the important elementary steps involving radicals.

The degradation rate of polymer A undergoing random-chain scission is influenced by
polymer B undergoing chain-end scission. We represent the reacting polymer A and its radicals
as PA(x) and R(x) and their MWDs as p o(x,t) and r(x,t), respectively, where x represents the
continuous variable, MW. As the polymer reactants and random scission products are not
distinguished in the distribution kinetics model, a single MWD, pa(x.t), represents the polymer
in the mixture at any time, t. The initiation-termination reactions are represented as

kg
P,(x) & R'(x) + R*(x-x") N
ky
where & represents a reversible reaction. The reversible hydrogen abstraction process is
kn
Po(x) ®R'(x) @
kH
The depropagation chain reaction is
kp
R*(x) = PA(X) + R'(x-x") 3)

The polymer B, the chain-end radical, the specific radical, and the specific product are
represented as Pg(x), Re'(x), Rs'(x), Qu(xs). respectively, and their corresponding MWDs as
Pa(x.D, re(x,0), r(x,t) and qg(Xs,t). The formation of chain-end radicals by a reversible random-
scission initiation-termination reaction is

Kgs

Pp(x) & Re'(x) +Re'(x - X)) “)
kg
Hydrogen abstraction by the chain-end radical is considered reversible,

kpe .
Pp(x) & Re'(x) &)

kHe

The chain-end radical can undergo radical isomerization via a cyclic transition state to form a
specific radical,

kin

Re'(x) & Rs'(x) ©®

KiH . .
The depropagation reaction yields the specific product and a chain-end radical from a specific
radical,

kps
R'(x) — Qu(xs) + Re'(x-x5) 0]

where xg is the MW of the specific product.

The interaction of the two degrading polymers is through hydrogen abstraction
(McCaffrey et al., 1996) represented as a reversible disproportionation reaction. The end radical
of polymer B combines with polymer A to form an intermediate radical complex that undergoes
transformation to polymer B and a radical of polymer A,

kg kp
Re'(x) + PA(x) & R{(x+x) & Pp(x) + R'(x) )
kp kg
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Including the intermediate complex, R;’, facilitates the formulation of the population balance
equations for the reversible disproportionation. If R;” is ignored in equation 1.8, the forward and
reverse rate coefficients would be kg and kp, respectively.

With the aid of Table 1, the rate expressions and moments can be formulated. Based on
LCA, k¢, ks, k and ks are set to zero. The zeroth moments for the polymer, radicals and the
monomer, p©), r9), q(©) are defined as

O =)o px.t) dx ©

1O = i~ r(x,0) dx (10)

qO@© = o~ qx.t) dx an
The initial conditions for moments are

pp1=0) = ppo®. pAPt=0) = pp0® and %1=0) = 0 (12)

When QSSA holds,

drdt = drOrdt = ar, Qar = dr @rar=0 (13)
Algebraic manipulations yield

PA® © = pao® exptt) (14)
and a plot of In (p(o)l po(o)) is linear in time with slope ki,

ke = (2 ko ko / (ka ppo'®)) + kb (kpe k) kit (15)

The molar concentration is related to the mass concentration, p(] )= an(O). by the average MW,
Mp.

The proposed mechanism represents the interaction of radicals of two reacting polymers
and shows how the polymer undergoing chain-end scission affects the degradation rate of the
polymer undergoing random-chain scission. The degradation rate coefficient is a function of the
added polymer concentration, and also depends on the temperature and pressure. This can
explain the varied results found in experiments for degradation rates in polymer mixtures.

RESULTS
We have measured the influence of PAMS mass concentration on polystyrene

degradation at 275 °C. Because polystyrene degrades by random-chain scission and PAMS
degrades by chain-end scission, the polystyrene degradation rate is given by Eqs 14 and 15. The
random-scission degradation rate coefficient, ky, was determined from the experimental data by
analyzing the time dependence of the polymer-mixture MWDs. Because the mass of specific

products formed by polystyrene chain-end scission at 275 °C for 10 hours is less than 2%
(Madras et al., 1996c¢), we consider that polystyrene degrades solely by random-chain scission.
Polystyrene degrades rapidly at low reaction times due to weak links in the polymer chain
caused by side-group asymmetry or chain-branching (Chiantore et al., 1981; Madras et al.,
1996¢). The weak and strong links in polystyrene can be represented by additive distributions,
so that the total molar concentration, pao?, of the polymer is the sum of the molar
concentrations of the weak, pa(®, and strong links, p5® (Madras et al., 1996¢c). As the weak
link concentration is approximately two orders of magnitude smaller than the strong link
concentration, only the random rate coefficients of strong links are examined in this study.” The
initial molar concentration of the strong links in polystyrene, pag(®, is determined from the

intercept of the regressed line of the p o @/pase!® data for t 2 45 minutes (Figure 1). The
slopes, correspondin to the rate coefficient for random scission, k; , are determined from the
plot of In (p ,p ,o®) versus time, as given by Eq 14. Madras et al. (1997) show how data are
analyzed when the polystyrene degradation rate coefficient is a function of MW, i.e., k(x).
Equation 15 explains how the polystyrene degradation rate coefficient depends on PAMS
concentration. The polystyrene degradation rate coefficient, ky, decreases with increasing PAMS
mass (or molar) concentration. This is consistent with the experimental data (Figure 2 and inset).

The hypothesized interaction of the degrading polymers is through the free radicals and
their rates of hydrogen abstraction. When kg = kp =0, the two polymers react independently and
the moment equations are identical to those derived for a single polymer undergoing chain-end
scission or random-chain scission (Madras and McCoy, 1997) . The rate coefficient for random-
chain scission of polystyrene is a function of the PAMS mixture concentration through the
fundamental radical rate parameters, ky,, ky,, Ky, K4, ky;, and the initial number-average molecular
weight of PAMS (Eq 15). The addition of PAMS inhibits the random-chain scission of
polystyrene, similar to the effect on hydrogen-donors on the degradation of polystyrene (Madras
and McCoy, 1997). .
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Table 1. Distribution Kinetics of Primary Reactions.
Stoichiometric kemels: Q(x,x) = I/x’, Q(xg, X') = 8(x-Xg), Q(x-Xg, X') = 8[x-(x-xg)]

eaction |Primary Reaction [Rate Expressions IMoment Expressions
[Type (k is independent of MW)
Trans- —— [R(x) — P(x) Bp/ot = - 3ot = k r(x,0) dpt/dt = - dri/dt = k ro)(e)
formation
lim,dom- P(x) > Q(x) + Pp/dt=-kp(x,D dptidt "= - k p™(1)
2in R(x' - -
scission x-%) ba/ot =k jx P,y Q(x,x") dx’ dg®/dt = k p(t)/(n+1)
= Jr/ot = dr(®)/dt
hain-end Jp(x')  Q(xg) +  Pp/dt = - k p(x’,) dp™/dt= -k poI(e)
scission R(x' - xg) . -
P/t =k |, "p(x'.0) Qexg, x) dx' Mq@Vdt = - k xg1 qOXy)
xg is the MW of o . 2
e Pridt=kJ,”p(x') Qx-xs, X) dx’ [aroyde = kL (") x,i (-1) pd
specific product 3=0 ")
Addition  [p(x) + Q(x - x') = Pp/at=- kpx.) Jo a0 dx' gpeyar = - k P qOXY
tion Lt )
reac R(x) Da/ot = - k q(x,0) Jo p(x'.t) dx dq@)de = - k g0 p®
x ll . v
Pridt = k Jo'p(x qGx - X0 ¢ gy = kjg ) po) qod
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Figure 1. Plot of In (p,@/p 5@ ) versus time for polystyrene degradation at 275 °C for
four PAMS concentrations.

@ Polystyrene (2/L) only; A Polystyrene (2 g/L) + PAMS (2 g/L); @ Polystyrene (2 g/L)

+ PAMS (5 g/L); @ Polystyrene (2 g/L) + PAMS (10 g/L).
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Figure 2. Effect of PAMS mass concentration, PBO(I)' on the rate coefficient of random

chain scission, k,, of polystyrene at 275 °C plotted as k; versus 1/ pgot as
given by equation 1.45. The inset shows ki versus Prot-
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INTRODUCTION

A potential method for plastics recycling is to decompose the polymer to lower molecular weight products that
can serve as fuel or feedstock. A free-radical mechanism has been proposed to evaluate rate coefficients based
upon continuous-distribution kinetics, which provides a simpie and reliable method for examining the time-
dependence of molecular-weight distributions (MWDs) of reaction products [1]. Population balance equations
govern the MWD dynamics for the products. The balance equations are solved by a moment method, which
allows the integro-differential equations to be transformed into ordinary differential equations that are readily
solved to give the rate coefficient of polymer degradation.

The present objective is to apply these ideas to polyethylene pyrolysis, which gives both random and
specific products due to random-chain scission and chain-end scission, respectively. The experimental results
of polyethylene pyrolysis are interpreted by the mathematical model to obtain the overall rate of degradation and
the activation energy. Distribution balance equations for MWDs of random and specific products are proposed
to account for initiation-termination and propagation-depropagation reactions, such as hydrogen abstraction,
chain cleavage, recombination, disproportionation, and coupling of polymer and the corresponding radical. We
will develop the present theory by assuming the rate coefficient k is independent of MW x, which is valid if the
change in average MW of the polymer mixture is not too great {2]. The integro-differential governing equations
are solved in terms of molecular-weight moments. The moments form a hierarchy of ordinary differential
equations, which can be solved numerically up to the desired moment order, usually up to second moments. In
the present treafment we invoke two common approximations and solve analytically for algebraic moment
expressions. The long-chain approximation (LCA) [3,4] maintains that initiation and termination reaction
events are infrequent and therefore their rates are negligible relative to hydrogen abstraction and propagation-
depropagation chain reaction rates. The quasi-stationary-state approximation (QSSA) is valid when the
concentration of free radicals is extremely small, so that their rate of change with time is negligible compared to
other rates. For either chain-end or random-chain scission, the reversible processes reduce to irreversible
decomposition, reactions when the addition (repolymerization) rate coefficients are relatively very small.
Previously derived and experimentally verified expressions for polymer degradation are thus recovered from the
general theory.

EXPERIMENTAL

Polyethylene (2 g, Polysciences, density 0.94 g/cm3, MW 700) was heated with a molten-salt bath in a reactor
(an open glass tube placed in a stainless steel vessel) equipped with a gas outlet. Pyrolysis conditions were 390-
450 °C for 1-3 h under one atmosphere pressure of nitrogen. Solid and waxy products were recovered from the
reactor and the gas outlet. A stainless steel tube at the reactor outlet allowed gaseous products to be collected by
water displacement in an inverted graduated cylinder. Solid and waxy products dissolved in 1,2,4-
trichlorobenzene were analyzed with a HPLC-GPC (Hewlett-Packard 1050 pump, HP RI detector 1047A)
equipped with a 7.5 mm x 50 mm guard column and two 7.5 mm x 300 mm columns packed with PLgel 10 mm
Mixed B (Polymer Laboratories). Peak-position calibration for the MWs of polyethylene degradation products
was performed with n-hexane, triacontane (Aldrich), and narrow MW range polyethylene standards (MW = 170
and 540; Polymer Laboratories) dissolved in 1,2.4-trichlorobenzene. Gaseous products were analyzed by GC
(50-m capillary alumina column using He as a carrier gas). The MWD of the initial polyethylene has the mean
MWs, M, = 536 and M, = 609.  The degradation results of MWDs on GPC chromatograms were interpreted
as the changes in zero and first moments of the products in the reactor and the gas outlet as a function of time.
The mass of volatile fractions was determined as the difference between the mass of the original polyethylene
and total mass of reactor residue and gaseous products. The mass of gas was calculated based on the gas
volume evolved in the pyrolysis and GC analysis of gaseous products. GPC data of the volatile fraction together
with the weights gave the corresponding zeroth moment (molar concentration). The random product
concentration was calculated as the sum of the reactor residue and volatile fraction concentrations.

MODELING OF POLYETHYLENE DEGRADATION

The following simplificd reaction scheme describes the important elementary reactions and incorporates them in
a mathematical model based on continuous-distribution kinetics. We consider that polymer can react in three
ways: by transforming without change in molecular-weight, by undergoing chain scission, and by combining to
form higher molecular-weight compounds, where P(x) represents n- and iso-alkane and alkene, R*(x) is the
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corresponding radical in the forms of both end and random radicals, and Rs*(x) represents a precursor for a
specific product Qs(x;) of alkane and alkene. For mathematical simplicity, a single specific product is assumed.
We assume that initiation and termination rates are nil because of the negligible contribution of initiation and
termination to overall rate of the degradation (changes in moments in the function of time), although they are
important steps in the complete Rice-Herzfeld mechanism [5]. Four reactions constitute the model:

(1) intermolecular hydrogen abstraction,
kn
P(x) R*(x) (A)
ky
This bimolecular process is expressed as pseudo-first-order [1]. The reverse reactions represent pseudo-first-
order transformations of radicals into the corresponding polymer in the presencc of excess polymer as a source
of hydrogen.
(ii) propagation-depropagation for random-chain scission,
kp
R*(x) =——= P(x)+ R*(x-x) (B)

ka
This random-chain scission is an essential step in random degradation. The resulting I-alkene has a random
distribution in MW. The reverse reaction (recombination) is an important step for some conditions, such as
polymer-melt pyrolysis for a long period or high pressure thermolysis [6].
(iii) intramolecular hydrogen abstraction in chain-end scission,

Kih

R*x) = Rs"(®) ©

ki
The Rice-Kossiakoff mechanism {7] suggests the formation of specific products, Qs, from the bond scission of

the main chain of polymer via specific radical Rg®, where an end radical (unpaired electron at the chain-end) is
converted into the corresponding specific radical. Depending on the chemical structure of polymer, 1,4-radical
shift, or 1,5-radical shift via cyclic transition state, or other shifls would be possible. The driving force for the
reaction C is the gain of stability of primary end-radical relative to secondary radical, or secondary end-radical
relative to tertiary radical.
(iv) propagation-depropagation for chain-end scission,

kbs

Rg*(x) Qs(xs) + R*(x- x5) ()]
Kas '

One can obtain the distribution balance equations for p(x,t), radical r(x,t), and rg(x,t), and for a specific
product gg(xs,t) followed by the moment operation to yield [1]:

dp(n)/dt =- khp(") +ky U kb Zao 1™ - kg p(n) /@ hH
dagMrdt = ks %" 1! - kas g™ £ @

dr(n)/dt =kp p(") -ky r(n) -kp r(") +Ka Z(:) (nJ) r(j) p("'j) + kb Zno r(“) -ka r(") p(o)
J=

kit i+ ks 2 (PP 10+ ka7 0 6)
dl’s(n)/dl =Kin r(n) -kiy rs(") - kps rs(") +Kgs ]Z(:) (nJ) qs(j) r(n'j) @

where Zpg =1, 1/2, or 1/3 forn=0, 1, or 2. The specific product has the unique MW xg, so that q¢(x,t) = qs(o)(l)

&(x - Xg), and therefore qs(n) =x" qs(o) . For the specific product we need to solve for the zeroth moment only.

When several specific compounds are present, they are summed over s in the balance equations and the
complete MWD is semi-continuous [8]. Zeroth moments (n=0; the time-dependent total molar concentration
(mol/volume) of the macromolecule) are given as follows, where QSSA for radical species has been applied:

p 1) = explkat)/[(exp(kat) - 1) ka/kp + 1/pe®] )
g%t = ks 1@ - ks ¢, 0 1O
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= [kbs (kih * kas 65™) / (kns* kin) - kas 457} Gkn/kep) p© 6

450 = Gy i / kas kit) {1 - [k / [k + ka po (exp(kat) - D] *astitt¥alesthindy 7
The equilibrium relations are found from the long time limit for the zeroth moments of the products due to
random-chain scission and chain-end scission: p(o)(t —00) = pw(o) = kp/k, and qs(o)(l —00) = qsm(O) = kps ki / kas
kiH. With QSSA, the summation of first moments (n = 1; the mass concentration (mass/volume)) for polymer
and radicals (total mass concentration) gives d[p(l) + qs(l)]/dt = 0 confirming the conservation of polymer mass.
And qs(“) =% qs(o) gives dp(‘)/dt =-Xg dqs(o)/dt. Then,

P20 = pol®- xg (kpskin/kaskir){ 1 - [kp/Tkb + ka poOexp(kat) - 1)) Kaskitatoskin)y - (g)

050 = x, (kpekin/Kaskinn) {1 - [ke/[Kkb + ka po *exp(kqy) - D askimbalbbstiind)y - (g)

RESULTS AND DISCUSSION

Polyethylene pyrolysis gave both random products and specific products due to random-chain scission and
chain-end scission, respectively. The reaction products were recovered in three portions as a reactor residue, a
volatile component from the tubing section of the reactor, and a gas product in the gas collector. The reactor
residue and the volatile fraction are interpreted as random-chain scission products based on GPC analysis
because they have the MWD of smooth curves on GPC chromatograms. No specific compounds with distinct
peaks were observed in the reaction mixture. To interpret the data of polyethylene pyrolysis under our
experimental conditions, the reactions A through D were further simplified to the irreversible reactions,

kg

Px) — P(x)+P(x-x) (E)
kds

Px) ——  Quxs) + P(x-X;) Q)

Recombination of olefinic polymer with radical can be ignored due to the low conversion and the low
possibility of the bimolecular reaction. Also, recombination of alkene as specific products with radical
(Reaction D) can be ignored due to the high volatility of the specific compounds and the normal pressure of the
present experiment. Applying ka = kas = 0 to Eqs 5 and 7 gives the zeroth moments for random product P(x)

and specific product Qq(x;):

p O = po@ expkqt) 10y
459 = (kas/ka) po® fexplkat) - 1] an
where kds = kpsknkih / kH (KbstKin).
When kgt <<1,
420 = kas Pt 12)

Typical MWD changes of random-chain scission products at 450 °C are shown in Figure 1. Figure 2
shows ln[p(o)/po(o)] versus reaction time, in which the slopes give the rate coefficients kq for random-chain

scission at each reaction temperature. During the earliest period of the pyrolysis, the values of ln[p(o)/po(o)]
increase rapidly especially at 410-450 °C. The enhanced rates for chain scission are explained as reactive C-C
bonds (weak links) due to branching on the polyethylene main-chain. The calculated rate coefficients for
random scission, kg, are 0.507, 1.78, 3.14, and 5.11 (x 10-3 min-1) at 390, 410, 430, and 450 °C, respectively,
based on the reaction time 60-180 min. The activation energy, determined to be 36 kcal/mol by the Arrhenius
plot, is reasonable compared with the expected value, from kg = kpky / ky in Eq 31, Eg= Ep + Ey - Ey = 37
kcal/mol (Ep = 29, E = 8, Eg ~ 0 kcal/mol). Figure 3 shows the volumetric amounts of gas evolution with
reaction time. The rapid increases of the gas evolution during the first 60 min, consistent with the initia] rates in
Figure 2, are due to weak-link bond scission at short branches on the main chain. Volumetric amounts of the
gas evolution were converted into total molar (ideal gas) concentrations of specific compounds. Eq 12 is
applied to the molar concentrations of specific products of the gas evolution at the reaction time 120-180 min.
The rate coefficients for chain-end scission, kg, are 4.83, 4.52, 9.12 and 11.2 (x 10-4 min-!) at 390, 410, 430,
and 450 °C, respectively, affording the activation energy for the chain-cnd scission as 15 kcal/mol. This
activation energy is comparable to the expected value, Eqs = Ep + Ejh, - Ey = 8 + 8 - 0 = 16 kcal/mol (B, = Ej, ~
8 kcal/mol; Eq = 0 kcal/mol), when kps>>kiy in Eq 11, which gives kgs = kpsknkin/kii(kbs ki) = knkin/ky. The
value is lower than for random-chain scission because of the dominant influence of hydrogen abstraction.
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CONCLUSIONS
The results of the continuous-distribution kinetics indicate that the degradation rate is expressed as the
combination of the rate coefficients for radical fragmentation, hydrogen abstraction, and recombination of
radical with atkene. These results provide an effective method to evaluate degradation progesses and to obtain
the properties of polymers and specific products during degradation. The proposed simplified model for
polyethylene random-chain scission and chain-end scission describes the observations. The major features of
the polyethylene pyrolysis are (1) the zeroth moment (molar concentration) of random products increases
exponentially with time, affording rate coefficients with the activation energy 36 kcal/mol for random-chain
scission, and (2) gas evolution provides molar. concentration of specific products of chain-end scission, which
allows the calculation of rate coefficients with the activation energy 15 kcal/mol.
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ABSTRACT

Recycling of waste plastics and other packaging materials is becoming more necessary
since they represent a readily available source of fuels and/or chemicals and a growing disposal
problem. One way of accomplishing such recycling is to convert these waste polymers into
transportation fuels by thermal and/or catalytic processing. In recent work thermal processing was
found to be easily accomplished. However, the products were not of sufficiently high quality to be
used as transportation fuels without extensive upgrading. Waste materials from the U.S.
(American Plastics Council) and Germany (Duales System Deutchland or DSD) were processed
by hydrocracking. Commercial catalysts, KC-2001 and KC-2600 were used in hydrocracking
experiments using 27 ml tubing reactors. Effects of reaction temperature, hydrogen pressure, and
reaction time on product yields and quality were studied. The liquid products were subjected to
detailed analysis by GC, GC/MS, and TG/MS. Possible reaction mechanisms will be proposed
based on the analytical data. Other bifunctional catalysts developed in our laboratory were also
tested and results will be compared with those obtained using the mentioned commercial catalysts.

INTRODUCTION

Conversion of waste plastic to clean liquid fuels has been widely studied all over the world
recently [1,2]. Most bench scale and pilot plant studies employed two-stage processes, i.e., in the
first stage, plastic is thermally degraded to crude oil-like liquid products, and the liquids are
subjected to further catalytic cracking to produce gasoline-like products in the second stage. This
process may be more costly than a single stage processing, i.e., direct conversion of waste plastic
to gasoline-like products [3]. The challenge of the latter is to utilize high efficiency catalysts. Pure
polymers, such as high density polyethylene, polypropylene, polystyrene, etc., are different than
waste plastics which contain some nitrogen, sulfur, and even chorine, as well as impurities. These
compounds are believed to be poisonous to some catalysts which were effective in cracking pure
polymers. Therefore, a catalyst with not only hydrocracking-hydrogenation ability, but also
hydrodenitrogenation-hydrodesulfurization function is needed for directly converting waste plastics
to clean liquid fuels.

In this study, two commercial hydrocracking catalysts (KC-2001 and KC-2600), obtained
from Akzo Nobel Chemical, Inc., were used for hydrocracking two different kinds of waste
plastics; one from the American Plastics Council (APC plastic) and the other from Germany's
Duales System Deutschiand (DSD plastic). A catalyst (Ni supported on a mixture of zeolite and
silica-alumina) made in this lab was also tested and the results are compared.

EXPERIMENTAL

APC plastic, obtained from the American Plastics Council, was ground to -8 mesh.
Detailed analyses of this plastic are listed elsewhere [4]. DSD plastic, obtained from Germany’s
Duales System Deutchland, was used as received except for drying before reaction. The results of
ultimate and proximate analyses are listed in Table 1, whereas the results of ash analyses are listed
in Table 2 [5]. HZSM-5 and SiO»-ALO; (with 13% Al,O; content), were purchased from United
Catalysts Inc. and Aldrich Chemical Company, respectively. The average pore size and surface
area of the Si0,-ALO; were 65 A and 475 m%/g respectively; while those of the HZSM-5 were 6.2
A and ca. 200 m?/g respectively. The metal salts, nickel (II) nitrate hexahydrate was obtained from
Aldrich Chemical Company. KC-2001 and KC-2600 were obtained from Akzo Nobel Chemicals,
Inc., whereas as Ni/HSiAl (HSiAl is a mixture of four parts by weight of silica-alumina and one
part by weight of HZSM-5) was prepared in this lab. All three catalysts were presulfided before
reaction [6].

Hydrocracking reactions of DSD and APC plastics were carried out in a 27 ml tubing
reactor at 375 to 480°C for 60 minutes. Typically, 2 g of plastic and a calculated amount of

presulfided catalyst, if any, were fed into the reactor, which was then closed, purged with nitrogen,
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and then pressurized with hydrogen to the desired initial pressure, usually 1000 psig. The reactor
was then immersed into a preheated fluidized sand bath and reached the desired reaction
temperature within 3 to 4 minutes. The mixing of reactants and catalyst particles was achieved by
horizontal shaking of the reactor at 160 rpm. Detailed reaction procedure and definitions of yields
have been reported elsewhere [7].

The gases obtained from the first stage were analyzed by a flame ionization detector by gas
chromatography (HP-5890II) using a column packed with HayeSep Q. The liquid products were
analyzed by GC/MS using a 30-m long DB-5 capillary column. The boiling point distribution of the
liquid products were determined by simulated distillation according to ASTM D 2887-89 and
D5307-92. The analysis was performed on a HP-5890 series II gas chromatograph, using a
Petrocol B column (6 inches long and 0.125 inches outside diameter).

RESULTS AND DISCUSSION

Hydrocracking of APC Plastic. Some 99% conversion was obtained when APC plastic
was noncatalytically degraded at 435°C or at 480°C [7,8). However, the quality of oil products
obtained was far below that of commercial premium gasoline. Hydrocracking catalysts, KC-2600
and Ni/HSiAl, were effective for degradation of APC plastic at 375°C (Figure 1). The conversion
was markedly increased in the presence of the mentioned catalysts. Figure 2 shows the GC/MS
profile of oil products obtained over KC-2600. The oil contains mostly isoparaffins, some n-
paraffins, and small amounts of aromatics as well as cycloparaffins. This indicates that KC-2600
does have hydrocracking and hydroisomerization ability. The oil was also subjected to elemental
analysis and no nitrogen and sulfur was detected, suggesting HDN and HDS ability of the catalyst.
[6].

Hydrocracking of DSD Plastic. DSD plastic can be hydrocracked thermally to produce
gaseous and liquid products. Figure 3 shows the effect of reaction temperature on thermal
hydrocracking of this plastic. The conversion was not a function of temperature in the temperature
range of 450 to 480°C, although conversion increased markedly with temperature increasing from
370 to 450°C. Different from the APC plastic, this DSD plastic contained about 4.4% ash.
Therefore, the maximum conversion should be about 95% and this value was reached at
temperatures higher than 450°C. The maximum yield liquid was also obtained at 450°C, indicating
further thermal cracking to form smaller size molecules, such as gases, at temperature higher than
450°C. It is reasonable to suggest that 450°C is the optimum temperature for thermally converting
DSD plastic to liquid products.

The oil products obtained at 430, 450, and 480°C were subjected to simulated distillation
analyses and the results are shown in Figure 4. Not surprisingly, the oil obtained at higher
reaction temperatures was lighter than that obtained at lower temperature. The liquids need
further treatment for use as transportation fuels, such as gasoline.

The effects of catalysts on hydrocracking of DSD plastic are shown in Table 3. At 375°C,
only about 10% conversion was achieved for thermal reaction, however, the conversion reached
66.7% when 40% KC-2001 was added (Figure 3 and Table 3). The effects of the catalysts
decreased in the order: KC-2001 > Ni/HSiAl > KC-2600. It is noteworthy that conversion of APC
plastic reached over 90% in the presence of KC-2600 or N/HSiAl (Figure 1), whereas only 30-
50% conversion were obtained for DSD plastic at the same reaction conditions(Table 3). The
analyses showed that the main difference between APC plastic and DSD plastic was that the latter
contained some chlorine, more ash, and some waste paper (Table 1). These materials may have
some negative effects on these catalysts at the conditions used. The conversion of DSD plastic
was enhanced when temperature was increased to 400°C and the amount of catalyst was decreased
to 20% (Table 3). Some 80% conversion was obtained over 20% KC-2001 at 400C. Additional
experiments showed that about 94% DSD plastic was converted to gaseous and liquid products
over 40% KC-2001 at 400°C. This indicates that KC-2001 may be a suitable catalyst for
hydrocracking of DSD plastic to liquid fuels.

CONCLUSIONS

APC plastic can be converted totally to liquids and gases at 375°C in the presence of a
hydrocracking catalyst, Ni/HSiAl or KC-2600. The quality of the liquid products obtained was
close to that of a commercial premium gasoline. Catalytic hydrocracking of DSD plastic at the
same conditions was found to be more difficult than that of APC plastic. This may be due to the
negative effects of some impurities contained in DSD plastic, such as chlorine, ash, and paper. At
400°C, DSD plastic can be nearly totally converted to gaseous and liquid products with 40% KC-
2001 catalyst. The products obtained will be analyzed further.
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Thermal hydrocracking of DSD plastic is feasible, and the optimum reaction temperature
was found to be 450°C. At this condition, DSD plastic can be totally converted and the yield of
liquid products can reach as high as some 60%.
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Table 1. Proximate and Ultimate Analyses of DSD Plastic

wt%
Proximate analysis
Moisture 0.16
Ash 4.44
Volatile matter 93.77
Fixed carbon 1.08
Ultimate analysis
Carbon 78.96
Hydrogen 13.5
Nitrogen 0.67
Chlorine 1.26
Sulfur 0.08

Table 2. Ash Analyses of DSD Plastic (by ICP)

wtho
Al 10.0
As <40 ppm
Be <l ppm
Ca 13.0
Cd <1 ppm
Co 26 ppm
Cr 0.08
Cu 0.02
Fe 35
K 1.85
Mg 2.05
Mn 0.08
Mo 40 ppm
Na 39
Ni 0.01
Pb 0.0i
Se <40 ppm
Si 18.0
Ti 12.8
v 21 ppm
Zn 0.43

NiI/HSiAl 40%

Ni/HSiAl, 20%

KC-2600, 40%

No Catalyst

Conversion

Figure 1. Results of degradation of APC plastic in a 27 ml tubing reactor at 375°C,
1000 psig H; (initial), for a reaction time of 1 h with the indicated catalysts.
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Figure 2. GC/MS analyses of the oil products obtained from hydrocracking of APC plastic
in a 27 ml tubing reactor at 375°C, 1000 psig H, (initial), for a reaction time of 1 h with
40% KC-2600
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Figure 3. Effect of reaction temperature on thermal hydrocracking
of DSD plastic (reaction conditions: 27 m! tubing reactor,
1000 psig H, (initial), 60 minutes, 160 rpm)
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Figure 4. Boiling point distribution of oils obtained from thermal
hydrocracking of DSD plastic at 1000 psig H, (initial), 60 minutes

Table 3. Results of Catalytic Hydrocracking of DSD Plastic in a 27 ml Tubing Reactor at 1000
psig H; (initial), for a Reaction Time of 60 Minutes.

Catalyst Gas Yield, wt% 0il Yield®, wt% Conversion", wi%
375°C

KC-2001°, 40% 35.7 31.0 66.7

KC-2600°, 40% 10.2 20.7 309

Ni/HSiAl, 40% 14.8 35.1 49.9

400°C

KC-2001°, 20% 39.9 38.8 78.7

KC-2600°, 20% 15.2 48.2 63.4

Ni/HSiAl, 20% 20.0 455 65.5

® n-pentane soluble;

b Conversion (wt%) = 100( 1-weight of pentane insolubles/weight of feed);

¢ Catalysts, obtained from Akzo Nobel Chemicals Inc., may contain NiMo/Al,Q; and/or
NiMo/zeolite.
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LIQUID-PHASE CRACKING OF POLYVINYL CHLORIDE (PVC)
ROLE OF SOLVENT ON DECOMPOSITION OF PVC AND REMOVAL OF CHLORINE

Tohru Kamo and Yoshiki Sato
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16-3, Onogawa, Tsukuba-shi, 1baraki, 305, Japan

’ Keywords: PVC, Recycling, Dechlorination, Decomposition

INTRODUCTION

Development of feed stock recycling of waste plastics is very important not only for
minimization impact for environment but also for saving energy resources. In past two
decades, incineration or conventional decomposition of the waste plastic have been studying
mainly. However, incineration caused damages in furnace and air pollution problem. Quality
of the oil from the conventional decomposition was not enough for fuel or feeds to chemical
industry. On the other hand, no hazard byproducts, higher quality oil, lower yields of gas and
residue can be expected for liquid-phase cracking of the waste plastic, because products are
hydrogenated by solvents and solvents prevent point heating cause coking reaction. We have
been studying liquid-phase cracking of used tire (1), polystyrene, and polyethylene in various
solvents. Interesting interactions between solvents and plastics were observed (2).

PVC have been used widely as well as other three major plastic, polyethylene,
polypropylene, and polystyrene. However, due to high chlorine content and condensation of
dechlorinated intermediate product, PVC is one of the most difficult plastics for feed stock
recycling. Recently, Y. Maezawa et al. reported PVC was converted into oil at 600 °C with
sodium hydroxide (3). However, more than 50 % of hydrocarbon fraction of PVC was
converted to residue and gas. In our previous study, we showed advantage of liquid-phase
cracking of PVC (4). However, maximum yield oil was only 50 % even at 470 °C under 6.9
MPa of hydrogen, because dechlorinated PVC, heated at 300 °C for three days, was used. In
this work, PVC was converted into liquid products directly in tetralin or decalin at 440 °C by
using an autoclave specially treated for corrosion by chloride.

EXPERIMENTAL

Reaction procedure: PVC resin (24.0 g) and tetralin or decalin (50.0 g) were charged into
a 200 ml magnetic stirred autoclave made of hastelloy C. The most of experiments were
carried out at 440 °C for 60 min under an initial pressure of 4.0 MPa of nitrogen gas. In this
paper, 0 min‘of reaction time, shown in figures and table, means that reactor was quenched
Just after temperature reached 440 °C. In some experiments, copper powder (6 g) or sodium
hydroxide (15.6g) was added. In order to study effects of pretreatment of PVC, two kings of
dechlorinated PVC, DeCl-1 and DeCl-2, were used. The DeCl-1 was produced from PVC by
heating at 300 °C for 12 hours under nitrogen gas. The DeCl-2 was prepared from the
products of PVC heated in tetralin at 440 °C for 0 min. In a few experiments, reaction was
carried out at 440 °C for 60 min under 10 MPa with nitrogen gas flowing. Reaction products
were separated gas, oil, vacuum bottom, and residues by filtration and vacuum distillation.
The oil was defined distilled liquid products at 330 °C for 60 min under vacuum. The vacuum
bottoms were separated HS (hexane soluble) and HI (hexane insoluble) by soxhlet extraction
for more than two days. The HS, HI, and residue were dried for one day at 110 *C under
vacuum and weighted.

Analysis of products: Gas products were collected into a Teflon bag through two gas
washers filled with water and analyzed by gas chromatography (GASUKURO KOGYO, GC-
312, molecular sieve 5A, molecular sieve 13X, Porapak N, gasukuro 54, and VZ-7). Liquid
products were analyzed by gas chromatography (CARLO ERBA INSTRUMENTS, HRGC
5300) with capillary column (HP Ultra-1, 0.2 mm, 50m). Each compound in liquid product
was identified by GC-MS (Hewlett Packard 5973) with capillary column of HP Ultra-1.
Chlorine compounds were identified by GC-MS and GC with atomic emission detector (AED,
Hewlett Packard 5921). Chlorohexane and chloronaphthalene were used as an internal
standard for quantitative measurement.

RESULTS AND DISCUSSION

Effect of solvent on distribution of produects: Distributions of the products from the
PVC resin were shown in Fig. 1. Yields of oil, residue in tetralin and decalin for 0 min of
reaction time were 39 %, 2.4 % and 73 %, 14% respectively. In our previous experiment,
yields of oil and residue from the dechlorinated PVC were 8 %, 13 % for 60 min The
significantly higher yield of oil in decalin indicated that direct liquid-phase cracking of PVC
was an effective process and PVC was decomposed in a short time while reactor was heated
up to 440 °C. On the other hand, lower yields of oil and residue in tetralin implied that
decomposition of PVC to oil and condensation to residue was retarded in tetralin. The effect
of tetralin might be caused by quick stabilization of radicals by hydrogen from tetralin. The
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similar suppressing effect of tetralin was observed in the liquid phase cracking of polyethylene
qnd polystyrene at relatively low temperature. The oil yield in tetralin increased with reaction
time. On the other hand, siight increase of oil yield was observed in decalin. These results
showed that Hydrogen from tetralin enhanced conversion of HS and HI to oil at 440 °C.

Identified compounds in oil from PVC were shown in Table 1. Benzene, toluene, and
other alkyl benzene were observed in both solvents. As trace products, anthracene, diphenyl
methane, and triphenyl were detected. Characteristic compounds, alkyl tetralin, alkyl
naphthalene, tetralin dimmer, and naphthalene dimmer, were produced in tetralin. Almost
same yields of benzene, toluene, and alkyl benzene in both solvents implied that these
compounds were produced from PVC directly not from tetralin. Particularly, benzene was
considered to be produced during heating time, because more than 6 % of benzene was
produced for 0 min .

Effect of solvent on distribution of chlorine compounds: Lower chlorine contents
of products is very important for fuel and feed stock recycling of waste plastics. However, it
is difficult to identify each chlorine compound. In this work, we identified main chlorine
compounds from PVC by using gas chromatography with atomic emission (AED). Spectrums
of chlorine compounds were shown in Fig. 2. Main chlorine compounds from liquid-phase
cracking of PVC in tetralin were hydrogen chloride, dichlorobutane, and chlorotetralin.
Chlorine contents of the two organic compounds, dichlorobutane and chlorotetralin, were 229
ppm, 171 ppm for 0 min and 14 ppm, 28 ppm for 60 min respectively. When decalin was
used as solvent, main chlorine products were hydrogen chloride, dichlorobutane, and
chlorodecalin. Chlorine contents of main organic chlorine compounds from liquid phase
cracking of PVC were shown in Fig. 3. Total chlorine contents of oil for 0 min and 60 min
were 624 ppm, 50 ppm in tetralin and 4040 ppm, 1746 ppm in decalin respectively. These
results showed that tetralin was very effective solvent to reduce chlorine contents.

In order to remove chlorine in oil from PVC, sodium oxide have been used in many
past experiments. Recently, copper was pointed out to be the catalyst for production of dioxin
under incineration (5). Effects of addition of these compounds and pretreatment of PVC on
chlorine contents in oil were shown in Fig. 4. In the presence of sodium hydroxide, slight of
hydrogen chloride was produced in the gas products, because most of chlorine was converted
to sodium chloride. However, total chlorine content of organic chlorine compounds was
almost same as that without sodium hydroxide. On the other hand, remarkable increase of
dichlorobutane was observed in oil from liquid-phase cracking of PVC with copper powder.

The higher chlorine contents in oil from DeCl-1 and DeCl-2 implied that dechlorination
of PVC by heating under nitrogen gas or in tetralin was not effective pretreatment to reduce
chlorine in oil. The difficulty of removal of chlorine may be caused by structure of pretreated
PVC. The lowest chlorine contents of oil was observed in direct liquid-phase cracking with
nitrogen gas flowing.

CONCLUSION

More than 70 % of oil yield was obtained on direct liquid-phase cracking of PVC at
440 °C under nitrogen gas. Particularly, tetralin was effective not only for increase of oil but
also for reduction of total chlorine contents in the oil. Benzene was produced from PVC
directly. Hydrogen chloride, dichlorobutane, chlorotetralin, and chlorodecalin were main
chlorine compounds in oil from PV C. Dichlorobutane increased significantly in the presence
of copper. Sodium oxide removed hydrogen chloride perfectly. However, it was not effective
to reduce organic chlorine compounds in oil.

PVC was converted to oil contained low chlorine at higher yield by direct liquid-phase
cracking. The process was expected to be effective for feed stock recycling of PVC and
waste plastics.
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Fig. 1 Distribution of products from PVC at 440 °C

Table 1 Liquid products from PVC at 440C
(%, based on hydrocarbon in PVC)
solvent tetralin tetralin decalin  decalin
reaction time 0 min 60 min 0 min 60 min
hydrocarbon in PVC 100.0 100.0 100.0 100.0
solvent 482.2 482.2 482.2 482.2
benzene 6.7 8.9 7.4 9.0
toluene 0.6 3.6 0.8 1.5
C2,C3-benzene 1.0 4.1 1.1 3.6
C4-benzene 1.8 14.8 0.8 4.7
decalin 0.0 0.0 490.1 459.4
1-methylindane* 3.4 36.8 0.0 0.0
tetralin® 464.3 332.3 7.0 11.9
naphthalene* 26.6 92.5 1.3 48
Alkyl-tetralin® 0.7 2.3 0.3 0.4
Alkyl-naphthalene* 0.6 3.0 0.4 0.9
diphenylmethane 0.2 0.7 0.3 0.5
anthracene 0.2 0.5 0.2 0.3
tetralin dimmer* 2.5 5.0 0.0 0.2
naphthalene dimmer* 0.3 1.6 0.1 0.2
fotal 508.9 506.2 509.8 497.4
*: products from solvent mainly
. HCI |
Cl\/\/§e| @D
h h 0 min
i A
" . { 60 min
0.0 10.0 20.0 30.0 40.0

Retention time (min)

Fig. 2 Chlorine compounds in oil produced from PVC

in tetralin at 440 °C
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ABSTRACT

An important effect in the degradation of solubilized polymers is the influence of the
solvent on the degradation rate. Depending on the particular polymer, hydrogen (H-)donors can
increase, decrease, or have no effect on degradation rate. We experimentally investigated the
effect of H-donor 6-hydroxy tetralin on polystyrene degradation. In this case the rate decreases
with increasing H-donor concentration. Mathematical expressions for the degradation rate
parameters were obtained by applying continuous-distribution kinetics to the MWD of the
reacting polymer. A model was developed for radical mechanisms based on the Rice-Herzfeld
chain-reaction concept with the elementary steps of initiation, depropagation, H-abstraction and
termination. The model accounted for the varied effects of the H-donor on polymer degradation.

INTRODUCTION

Thermochemical recycling of polymers as either fuel or feedstock has been receiving
growing attention in recent years. The degradation of polystyrene has been extensively
investigated by pyrolysis (Cameron and MacCallum, 1967) though the mechanism and kinetics
of polystyrene degradation remain subjects of discussion (McNeill et al,, 1990). Degradation of
polymers in solution was proposed to counter the problems of low heat transfer rates and high
viscosity of the melting polymer commonly encountered in polymer recycling by pyrolysis (Sato
et al,, 1990). The degradation of polystyrene (Murakata et al., 1993a; Madras et al., 1996),
poly(styrene-allyl alcohol) (Wang et al., 1995), poly(methyl methacrylate) (Madras et al.,
1996a), poly (p-methyl styrene) (Murakata et al., 1993b) and poly (a-methyl styrene) (Madras et
al., 1996b) in solution have been investigated. By pyrolysis, we mean the thermal decomposition
of a solid material at high temperatures to yield gas and liquid products of low MW.
Thermolysis of polymers in solution produces a mixture of solubilized products. In either case,
the decomposition yields a product mixture that can often be described as a continuous function
of MW. The time evolution of the molecular weight distribution (MWD) can be examined by
continuous-distribution kinetics to determine the rate parameters and provide insights into the
decomposition mechanisms.

The solvent effect for polystyrene thermal degradation was investigated by Sato et al.
(1990). The conversion of polystyrene to low molecular weight products decreased with the
increase of the H-donating ability of the solvents. The study, however, did not determine
degradation rate coefficients. Madras et al. (1995) found that tetralin enhanced the rate of
degradation of poly(styrene-allyl alcohol). Rate coefficients were determined as a function of
tetralin concentration and temperature. Madras et al. (1996a) found that tetralin had no effect on
the degradation of poly(a-methyl styrene). These studies indicate the varied effect of the H-
donor on polymer decomposition. Though there have been several experimental studies on H-
donor solvents, an overall theory for the mechanism is not available.

EXPERIMENTS

The HPLC (Hewlett-Packard 1050) system consists of a 100 mL sample loop, a gradient
pump, and an on-line variable wavelength ultraviolet (UV) detector. Three PLgel columns
(Polymer Lab Inc.) (300 mm x 7.5 mm) packed with cross-linked poly(styrene-divinyl benzene)
with pore sizes of 100, 500, and lO4 A are used in series. Tetrahydrofuran (HPLC grade, Fisher
Chemicals) was pumped at a constant flow rate of 1.00 mL/min. Narrow MW polystyrene
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standards of MW 162 to 0.93 million (Polymer Lab and Aldrich Chemicals) were used to obtain
the calibration curve of retention time versus MW,

The thermal decomposition of polystyrene in mineral oil was conducted in a 100 mL
flask equipped with a reflux condenser to ensure the condensation and retention of volatiles. A

60 mL volume of mineral oil (Fisher Chemicals) was heated to 275 °C, and various amounts (0 -
0.60 g) of the H-donor, 6-hydroxy tetralin (Aldrich Chemicals), and 0.12 g of monodisperse
polystyrene (MW = 110,000) (Aldrich Chemicals) were added. The temperature of the solution

was measured with a Type K thermocouple (Fisher Chemicals) and controlled within £ 3 °C
using a Thermolyne 45500 power controller. Samples of 1.0 mL were taken at 15 minute
intervals and dissolved in 1.0 mL of tetrahydrofuran (HPLC grade, Fisher Chemicals). An

aliquot (100 pL) of this solution was injected into the HPLC-GPC system to obtain the

chromatograph, which was converted to MWD with the calibration curve. Because the mineral
oil is UV invisible, its MWD was determined by a refractive index (RI) detector. No change in

the MWD of mineral oil was observed when the oil was heated for 3 hours at 275 °C without
polystyrene.

THEORETICAL MODEL

According to the Rice-Herzfeld mechanism, polymers can react by transforming their
structure without change in MW, e.g., by H-abstraction or isomerization. They can also undergo
chain scission to form lower MW products, or undergo addition reactions yielding higher MW
products. Chain scission can occur either at the chain-end yielding a specific product, or ata
random position along the chain yielding a range of lower MW products. The radicals formed
by H-abstraction or chain scission are usually influenced by the presence of the H-donor.

We propose continuous-distribution mass (population) balances for the various steps
involved in the radical mechanism. The rate coefficients are assumed to be independent of MW,
a reasonable assumption at low conversions (Madras et al.,, 1997). The integrodifferential
equations obtained from the mass balances were solved for MW moments. In general, the
moments are governed by coupled ordinary differential equations that can be solved numerically.
In the present treatment, two common assumptions are made that allow the equations to be
solved analytically. The long-chain approximation (LCA) (Nigam et al., 1994; Gavalas, 1966) is
valid when initiation and termination events are infrequent compared to the hydrogen-
abstraction and propagation-depropagation events. Thus the initiation-termination rates are
assumed to be negligible. The quasi-stationary state approximation (QSSA) applies when radical
concentrations are extremely small and their rates of change are negligible.

Polymer degradation in some circumstances can occur solely by random chain scission.
We represent the chemical species of the reacting polymer, and the radicals as P(x) and R’(x) and
their MWDs as p(x,t) and r(x,t), respectively, where x represents the continuous variable, MW,
Since the polymer reactants and random scission products are not distinguished in the
continuous distribution model, a single MWD, p(x.t), represents the polymer mixture at any time,
t. The initiation-termination reactions are ignored, according to the LCA. The reversible H-
abstraction process is simplified to

kn
P(x) & R'(x) . m
kH
The random-scission chain reaction is
kp
R'(x) =»P(x) +R"(x-x") 2)

The reversible H-donor reactions are
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Px)+ D'e@R'(x)+D A3)
kp

where D and D° represent the H-donor and its dehydrogenated form, respectively. Because the

MW of P(x) and R’(x) differ only by the atomic weight of hydrogen, we consider their MWs are
the same.

The population balance equations for the polymer MWD, p(x,t), and for the radical
MWD, r(x,t), are formulated and solved by the moment method (McCoy and Madras, 1997).
Both the LCA and the QSSA are applied to obtain the zeroth moment expression in terms of the
initial condition, p© (1=0) = py'®,

p@ (© = po® explict) O

and a plot of In (p(o)l po(o)) should be linear in time with slope kr,
ke = kp (kp + kg C)/(kp + kp C) ®
This equation, showing how the degradation rate coefficient depends on H-donor concentration,
C, is plotted in Figure 1 for several special cases.
Polymers like poly(a-methyl styrene) undergo degradation by chain-end scission yielding
monomers and other low-MW specific products, Qs(xs). The chain-end scission reaction is
k&
P(x) = Re'(x) +Re'(x - x) 6)
H-abstraction by the chain-end radical is considered reversible,
kbe
P(x) ¢ Re'(x) )
kHe
The chain-end radical, R¢'(x), can also undergo radical isomerization to form a specific radical,
Rs"(x), via a cyclic transition state,
kih
Re'(x) & Ry(x) )
kiH
The reversible, propagation-depropagation reactions whereby a specific radical yields a specific
product and a chain-end radical is
kps
Ri'(x) & Qulxs) + Re'(x-xg) )

kas
The reactions of the H-donor expressed in terms of D, the hydrogenated and D°, the

dehydrogenated forms of the donor, are

Kae
P(x) +D’ @ Re'(x) + D (10
kpe
Applying the LCA and QSSA to the population balance equations yields for the specific product,
4P =k pp ¥t an
where
ks = (kne + kyeC) kps kin/ ((kos + kin) (ke +kpeC)) (12)

This is a key result for chain-end scission influenced by H-donor concentration, C, and is similar
to eq. 5 for random chain scission. A plot of qs(o)(t)lpo(o) versus time would be linear with a
slope kg, which depends on C.
DISCUSSION

The random-scission degradation rate coefficient, k;, was determined from the
experimental data by analyzing the time dependence of the polystyrene MWDs. The graphs of
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Pux(o)/Plom(o) versus time for various H-donor concentrations were linear after 45 minutes. For
times less than 45 minutes, scission of weak links causes a rapid increase in the molar
concentration (Stivala et al., 1983; Madras et al., 1997; Chiantore et al., 1981). The initial molar
concentration of the strong links in polystyrene, po(®, is determined from the intercept of the

regressed line of the pgy©/pyo® data for t2 45 minutes. The slopes, corresponding to the rate
coefficient for random scission, k; , are determined from the plot of In (p(®/py®) versus time.
The rate coefficient decreases with increasing H-donor (6-hydroxy tetralin) concentration (Figure
2). This behavior is consistent with eq. 5 when kyC << ky, (Figure 1). This behavior is also
observed for the polystyrene degradation in the presence of tetralin (Sato et al., 1990).

When kp << kg C, the rate coefficient has a first-order dependence at low H-donor
concentrations and a zero-order dependence at high H-donor concentrations. This has been
experimentally observed for poly(styrene-allyl alcohol) degradation in the presence of tetralin at
150 °C (Madras et al., 1995). When kyC << ky and kpC << ky, the rate coefficient is
independent of the H-donor concentration. This is consistent with poly(a-methyl styrene)
degradation in the presence of H-donor solvents.

For chain-end scission, the effect of H-donor concentration is qualitatively similar to that
in Figure 1. For the chain-end scission rates for the degradation of poly(styrene allyl-alcohol) in
the presence of tetralin at 150 °C (Madras et al., 1995), the specific product molar concentrations
are linear in time, as predicted by eq. 11. The rate coefficient for chain-end scission, ks, can be
obtained from the slope of the molar concentration of the specific product versus time. The
dependence is consistent with eq. 12 when kpe << kg C, which relates the chain-end scission rate
coefficient to the H-donor concentration. The prediction of the continuous-kinetics model are
thus consistent with the different observations of the H-donor effect on polymer decomposition.
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Introduction

High performance thermoset composites used by the automotive, electronics and
other industries are produced in large volumes using high value monomers. Resins used
in thermoset composites include novolacs, crosslinked polyesters, epoxies, and
polyarylates, and blends and alloys containing these components. These resins frequently
contain aromatic monomers that provide the superior mechanical and thermal properties
that are required for composite applications. Aromatic monomers are generally more
expensive and have a higher embodied energy than most other classes of monomers (1).

Resins used in thermoset composites are generally viewed as non-recyclable. This
perception exists for a variety of reasons including the presence of chemical crosslinks,
inclusion of mineral fillers, and blend formulations that include a variety of different resins.
These features prevent the use of traditional recycling techniques such as physical
separation and melt extrusion, or simple chemical hydrolysis. Burning these composites
for energy recovery or grinding into a flour for use as a filler does not provide any
significant economic value. Landfilling is the most common route for disposal, illustrating
the need for novel processes for the recovery and reuse of the monomers used in
thermoset composites.

Selective pyrolysis has been demonstrated to be an effective method for the
recovery of monomers or high-value chemicals from complex mixtures of waste plastics.
Selective pyrolysis takes advantage of differences in the strengths of chemical bonds, and
the potential for using catalysts and reactive atmospheres to selectively break specific
bonds in the backbone of high molecular weight plastics.

Selective pyrolysis has been applied to novolac composites for the recovery of
pheno! and substituted phenolics. Novolac composites typically contain 30-50 percent
organic resin. Inorganic fillers are added to improve mechanical properties and reduce the
overall cost of the composite. Previous work on pure novolac resins has shown that the
major pyrolysis products are phenol, ortho- and para-cresol, 2,4- and 2,6-xylenols, and
some 2,4,6-trimethylpheno! (2-5). To the best of our knowledge there is no work in the
open literature on how inorganic fillers may effect the pyrolysis of novolac resins or the
behavior of complex commercial thermosets. The goal of this work is to address these
questions.

Experimental

Samples were supplied by member companies of the Phenolics Division of the
Society of Plastics Industries. These samples represent the expected variability of fillers
and formulations found for commercial novolac resins. The composition of the samples
is shown in Table 1.

Novolacs were characterized using Molecular Beam Mass Spectrometry (MBMS)
and Thermal Gravimetric Analysis (TGA). The MBMS is a versatile tool that can be used
for real-time sampling of complex gas streams produced by high-temperature processes,
and has been used to characterize a wide variety of plastics and biomass samples (6-8).
Free-jet expansion of the high-temperature gases and vapors allows for the effective
quenching of species in their sampled state (9) making MBMS a valuable tool for
identifying complex mixture of products produced in pyrolysis.

The MBMS analysis were performed in triplicate using a quartz tube reactor.
Helium was used as the carrier gas. Samples were in the range of 20-50 milligrams and
the pyrolysis temperature for most of these experiments was 600°C, although selected
samples were also pyrolyzed at 450°C. The complexity of the product suite makes
interpretation of the results difficult, so multivariate statistical techniques are used to
identify and characterize trends and variable interactions, resulting in greatly enhanced
data interpretation.

A TA Instruments TGA 2950 was used to characterize weight losses using nitrogen
as a purge gas. Samples sizes were between 10-12 mg and the heating rate was
20°C/min. Activation energies were determine with variable heating rates (10,11).
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Results and Discussion

TGA Analysis - The results from the TGA studies were very complex due to the wide
variety of fillers and commercial resin formulations. However several general trends in the
weight loss data could be identified. The first derivative of the TGA weight curves of
several of the samples are shown in Figure 1. Sample 1 contains resin and high amount
of alumina filler, and shows a relatively sharp weight loss peak at about 284°C, which is
assigned to bound water in the alumina, and a broad weight loss peak centered around
533°C, which is assigned to decomposition of the novolac resin. Sample 4 contains resin
and wood filler, and shows a large weight loss peak at 380°C, which is assigned to
decomposition of the carbohydrate component of the wood filler, and a broad weight loss
peak between 482°C and 560°C which is assigned to both the lignin component of the
wood and the novolac resin.

Sample 3 is a more typical resin formulation and shows more complex behavior.
The weight loss curve for sample 3 shows at least four separate peaks, and several
shoulders. The low temperature peak at about 269°C is assigned to loss of bound water
from the inorganic filler, while the peak at 379°C is assigned to decomposition of the
carbohydrate in the wood filler. The large broad peak centered around 517°C is assigned
to decomposition of the novolac and lignin in the wood filler, while the high temperature
peak at 678°C is assigned to decomposition of the calcium carbonate filler. All of the TGA
curves showed a broad weight loss in the 500-600°C range, consistent with decomposition
of the novolac resin (4,5). Thus, MBMS analysis of all the resins was conducted at 600°C.

MBMS Analysis - Multivariate analysis techniques allow for extensive data
manipulation and interpretation. The average MBMS spectra, taken over all of the
samples, is shown in Figure 2. The spectra shows that the major products seen at mass
numbers of 94, 108, 122, and 136 are phenol, cresols (positional isomers were not
distinguishable with the technique used), xylenols, and trimethyl phenol, respectively. A
series of dimeric species are also seen in the mass region 180 to 230.

More detailed analysis of the MBMS spectra showed distinct differences due to the
chemical nature of the novolac and the presence of specific fillers. The factor spectra
relate to the chemical nature of the novolac resin is shown in Figure 3. This factor
indicates the variability in the concentration of substituted phenols. Samples positively
correlated with this factor have higher concentrations of phenol and cresol relative to
xylenol and trimethyl phenol than do the rest of the samples. These variations are
consistent with more methylene bridges connecting the phenolic rings or differences in the
degree of crosslinking. Resins with more connecting methylene bridges have a higher
degree of crosslinking.

An additional factor was related to the chemical structure of the novolac resins.
This factor (not shown) is related to high concentrations of phenol relative to the other
reaction products. This factor appears to be associated with the evolution of free phenol,
phenol which is not fully incorporated into the polymer, but is physically trapped within the
cured resin. Time-resolved results that show phenol is released from some samples at
temperatures well below pyrolysis temperature.

The relationship between the degree of crosslinking and the amount of free phenol
is shown in Figure 4. (This figure shows each of the individual data points, demonstrating
the reproducibility of the MBMS experiment.) There are significant differences in the
degree of crosslinking, as determined from the ratio of non-substituted and
mono-substituted phenolics compared to di- and tri-substituted phenolics, across the
samples. Samples with the highest degree of crosslinking and least amount of unreacted
phenol are found in the upper, left-hand quadrant, such as samples #1 and #3.
Surprisingly, the degree of crosslinking in the fuily cured resin is not correlated with the
amount of hexamethylene tetraamine (hexa) ‘crosslinker’ added to the resin. Hexa is a
source of formaldehyde that can react with free sites on the phenalic rings and complete
the conversion of the low molecular weight, melt processible resin into a fully cured
product. Higher novolac/hexa ratios should result in a lower degree of crosslinking and
produce fewer of the di- and tri- methylated phenols. In this case the extent of crosslinking
appears to be related to the chemical structure of the original resins produced by different
manufacturers rather than the novolac/hexa ratio. Samples 1-5, all produced by one
manufacturer, show a higher degree of crosslinking than do samples 16-20, which were
all produced by a second manufacturer. 1t is also worth noting that the sample with the
highest amount of free phenol was formulated with a large amount of hexa. Thus, it
appears that hexa is not capable of capturing all of the free phenol that is contained in the
resin.

The ability to detect the presence of organic fillers is shown in Figure 5. In this
figure the degree of crosslinking and the presence of wood filler are compared.
Examination of the average spectra shows that the ‘wood filler response is due to
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guaiacols that are generated by the decomposition of the lignin present in the wood. All
of the samples with negative loadings for this factor did not contain any wood filler, while
all of the samples with positive loadings contain varying amounts of wood filler.

The effect of a second filler, alumina, on the chemical composition of the pyrolysis
products was also examined. Under some conditions alumina can act as a catalyst and
could influence the chemical composition of the reaction products. However, for this set
of novolacs, the chemical composition of the reaction products did not appear to be
affected by the presence of alumina. Activation energies for the high temperature peak
seen in samples 1 and 4 were also calculated. The activation energies were 215 kJ/mol
and 230 kJ/mol for samples 1 and 4, respectively. These activation energies are
essentially the same, indicating that the alumina filler present in sample 1 does not
influence the decomposition of the novolac resin. These activation energies are similar
to those measured for phenol-formaldehyde resins. (3).

Conclusion

The results of this study show that valuable, monomeric phenols can be recovered

from the pyrolysis of cured commercial novolac resins. The major phenolic products are

~ phenol, cresols, xylenols and trimethyl phenol, along with a small amount of dimeric

species. The novolac/hexa ratio does not appear to have a significant an affect on the

relative ratio of the various substituted phenols while the source of the original resin does

influence the product composition. The presence of organic fillers can be easily detected

and the pyrolysis degradation products from these fillers may complicate isolation of the

desired phenols. The presence of inorganic fillers such as alumina did not influence the
chemical composition of the pyrolysis product.
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Table 1. Composition of Formulated Novolac Resins

Resin Component Sample Number

1 2 3 4 5 16 17 18 19 20
Novolac 35 36 45 54 35 34 49 35 40 35
Hexa 9 4 8 10 9 4 4 4 8 10
Wood 0 5 4 3% 33 14 39 0 13 4
CaCo, 0 0 5 0 0 0 0 14 10 O
Clay 15 15 25 0 10 38 0 0 10 O
Alumina 40 15 5 0 10 0 0 38 0 4
Talc 0 15 § 0 0 0 0 o 10 39
Glass 0 5 0 0 0 0 0 o0 5 0
Ca(OH), 0 1 1 0 0 6 6 6 1 6
Brown Umber 0 2 0 0 2 2 0 2 2 0
Nigrosine 0 0 1 0 0 0 1 0 o 1
Steric Acid 1 1 1 1 1 11 1 1 1
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ABSTRACT

Experimental results on the use of differential scanning calorimetry (DSC) for the identification
and quantification of various polymers in post-consumer waste plastics are presented.
Experimental studies are presented for the model polymers such as different grade of
polyethylene (PE), polypropylene (PP), polyethylene terephthalate (PET), polystyrene (PS) and
polyvinyl chloride (PVC). Itis argued that the glass transition Ty and the melting temperature
Tm of the polymers can be used for their identification whereas the enthalpy of fusion AH
determined from the heat flux versus temperature curves of DSC is useful for quantification.
For the standard mixtures of PE and PP, a linear curve of AH versus concentration is obtained
showing the applicability of this technique. This methodology is then applied to analyze two
samples of waste plastics. A sample of commingled plastics obtained from the American
Plastics Council is found to contain high density PE (~82%), PP (~7%) and PET (~10%)
whereas a German plastics sample is found to contain HDPE, MDPE, PP and PVC.
Complementary information is obtained from thermogravimetric analysis for the PVC case.

INTRODUCTION

As an alternative to the serious environmental problem of the disposal of post-consumer waste
plastics, some initial experiments into the liquefaction of waste plastics and their coliquefaction
with coal have been reported recently [1-5]. The liquefaction approach is logical because the
atomic hydrogen to carbon ratio in waste plastics vis-a-vis coal is closer to that in petroleum.
The recently reported studies include the thermal and catalytic liquefaction of model polymers
such as high density polyethylene (HDPE), polypropylene (PP), polystyrene (PS) polyethylene
terephthalate (PET) and their mixtures [1-5]. Catalysts tested in these experiments included
HZSM-5 zeolite, nanoscale FeOOH, SiOz-AlO3, M/Si0,-A1,O3, M/TiO2 (M = Pt, Ni, Pd, Fe),
and NiMo/Al,Q3. Also, two independent studies [6,7] have recently reported that elemental
sulfur promotes depolymerization of PE and PP and improves the quality of liquefaction
products.

A typical sample of post-consumer waste plastics may contain the above listed polymers, along
with PVC (polyviny} chloride) and other impurities. Determining the concentrations of each
polymer in a sample thus becomes an important issue since each polymer may behave quite
differently under the high temperature/high pressure conditions of liquefaction. In this paper,
we report the results of our investigations on the detection and quantification of these polymers
using DSC (Differential Scanning Calorimetry). After presenting the DSC results, we apply the
technique to determine the polymer concentrations in two commercial samples. Both the success
and limitations of the DSC technique for this purpose are outlined.

EXPERIMENTAL DETAILS

The samples of model polymers used in these experiments were obtained from commercial
sources. The two samples of waste plastics investigated here include a sample from the
American Plastic Council (APC), elemental analysis of which has been given in a recent paper
[71. X-ray diffraction analysis of this sample indicated it to contain primarily high density
polyethylene (HDPE) with smaller amounts of PP and PET [7]. The second sample of waste
plastics is of German origin (DSD waste plastics). The DSC measurements were carried out
with the Mettler TA3000 system using the DSC 30 system.

As polymers are heated, they may undergo a number of phase changes such as the glass
transition (Tyg), crystallization transition (T,) and melting (Ty,). Locations of these transitions are
used to identify the polymers whereas the heat of fusion AH determined from the heat flux
versus temperature curves in DSC are used to quantify the polymers (8]. For HDPE and PP, we
have used standard samples of known compositions to establish the linearity of AH with the
concentration of a polymer.

RESULTS AND DISCUSSION

The typical heat flux versus temperature DSC curves for three grades of polyethylene (HDPE,
MDPE and LDPE) are shown in Fig. 1. The sharp peaks are due to polymer melting to yield
completely amorphous polymers above Ty, whereas the smaller anomalies at the lower
temperature are mostly likely due to the glass transition [9]. The areas under the peaks give the
heats of fusion (AH). It is noted that in the above DSC curves, the melting point Ty = 131°C
for HDPE is in complete agreement with the in-situ x-ray diffraction measurements where
disappearance of the crystalline Bragg peaks was observed between 130°C and 135°C [10].
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Normally, the melting transition are supposed to be first order; however, it is certainly not so in
case of polymers since the transitions are spread over a large temperature range. For first order
transition, the Gibbs free energy for the two phases equal at T, leading to the result [8]

Tm=aH/AS - D

showing Ty, depends on the enthalpy of fusion aAH and entropy of fusion AS. In Fig. 2, we
have plotted Ty, against AH, both evaluated from Fig. 1. It should be kept in mind that
differences in AH and AS between the melt and crystalline phase determine Tr,, assuming first
order transition.

In order to use AH for quantification, we prepared several standard mixtures of HDPE and PP
and DSC plots of these mixtures are shown in Fig. 3. The higher Ty, = 166°C of PP allows an
easy identification of PP in the presence of PE in Fig. 3. The enthalpy of fusion for PE and PP
were determined from the areas under the peak following the procedures shown in Fig. 1 and
Tm is represented by the peak temperature. In Fig. 4 we show plots of AH versus % PE
whereas similar plots for % PP are shown in Fig. 5. The fact that Ty, does not change with %
PE and % PP shows that there is no measurable interaction between PE and PP. On the other
hand, AH varies linearly with % PE and % PP demonstrating that AH provides an excellent
technique for quantifving the crystalline percentages of PE and PP in a mixture. This forms the

basis for quantification of these polymers in a mixture.

Next we consider the DSC curves for other model polymers (viz. PET, PS and PVC) likely to
be found in post-consumer plastics. In Fig. 6, we present a comparative view of the DSC
curves for HDPE, PP, PET, PS and PVC. For PET, we show two figures. During the first
heating, one observes Tg, an exothermic peak near T = 125°C due to crystallization [9] and
polymer melting near Tp,, = 260°C. On subsequent cooling and then reheating, only the melting
peak is observed. For PS, the glass transition Ty = 100°C is observed; however no melting
peak is observed in this case. For isotactic polystyrene, a Ty = 240°C is known [8]. Our
failure to observe a peak in the DSC curve is most likely to the nature of our sample. For PVC,
a glass transition near Ty = 80°C is clearly observed and this agrees with the literature values.
Also, syndiotactic PVC is known to have Ty, = 280°C [8]. However our experiments (Fig. 6)
show an exothermic peak around this temperature presumably because of the decomposition of
our sample since the sample is severally charred. Further evidence for this comes from
thermogravimetric experiments (Fig. 7) where large decreases in mass occur beginning around
280°C. This clearly is due to the decomposition of PVC.

Now we apply the above methodology to the identification and qu .atification of polymers in two
post-consumer waste plastics. In Fig. 8, we show the DSC curve for the APC commingled
plastic sample which has been the focus of studies in a number of recent papers {5,7,10]. The
DSC curve clearly shows three peaks which are easily identified with HDPE, PP and PET from
the known Ty, values, with the largest peak being from HDPE. This is consistent with the
earlier estimates from x-ray diffraction [7,10] although PET was difficult to detect in x-ray
diffraction because of overlapping Bragg lines. In contrast, in DSC, the peaks from PE, PP and
PET are well resolved (Fig. 8).

To determine the concentrations of PE, PP and PET in the APC sample, the calibrations of Fig.
4 and Fig. 5, along with assuming a similar linear curve for PET, are used. From this analysis,
we find the following concentrations in the APC sample: HDPE = 82 + 3%, PP = 7 + 3%, PET
= 10 £ 3%. These concentrations are consistent with those determined from x-ray diffraction,
although the actual numbers for HDPE and PET are somewhat different. As indicated earlier,
PET is difficult to identify by x-ray diffraction because of interferences of its Bragg lines by
those from PE.

For the German sample of DSD waste plastics, the DSC curve is shown in Fig. 9. The peaks
due to MDPE, HDPE and PP are easily identified and their concentrations from linear
calibrations are as follows: PE = 38%, PP = 7%. The other major feature of the data in Fig. 9 is
the exothermic peak near 230°C. Thermogravimetric measurements in the German plastics
sample (Fig. 10) show mass loss beginning near 300°C, with the massive loss occurring
between 450 and S00°C. These observations are very similar to the thermogravimetric and DSC
data for PVC. Thus it is likely that this sample contains a significant amount of PVC. Since x-
ray diffraction of PVC does not contain any sharp Bragg lines, additional confirmatory evidence
for PVC from x-ray diffraction could not be obtained.

CONCLUSIONS

Results presented here have shown that DSC is a promising technique for the identification and
quantification of polymers in post-consumer plastics. However, supporting evidence from
thermogravimetry and x-ray diffraction is occasionally required. Additional experience with
other polymers likely to be found in post-consumer plastics is needed to provide additional
confidence in the use of DSC for quantitative purposes. Further studies are in progress to
establish the methodology for quantifying PVC by this technique.
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Feasibility Study for a Demonstration Plant for Liquefaction and Coprocessing of Waste
Plastics and Tires

Gerald P. Huffman
CFFLS, 533 S. Limestone St., Rm. 111
University of Kentucky
Lexington, KY 40506
Keywords: Liquefaction, plastics, tires, demonstration plant, flowsheet, economics

Introduction

For the past several years, a research program on the conversion of waste polymers and coal into
oil using direct liquefaction technology has been sponsored by the U.S. Department of Energy.
The research has been carried out by a combination of academic, industrial and govemment
scientists and engineers. Most of the laboratory research has been conducted by the Consortium
for Fossil Fuel Liquefaction Science (CFFLS), a five university research consortium with
participants from the University of Kentucky, Auburn University, the University of Pittsburgh,
the University of Utah and West Virginia University. Industrial participation has been provided
by Hydrocarbon Technologies, Inc. (HTI), where pilot scale and continuous tests have
conducted, Consol, where specialized analytical techniques have been employed, and the Mitre
Corporation, where economic analyses have been carried out. The in house research staff at the
Federal Energy Technology Center (FETC), Pittsburgh, have conducted a variety of experiments
to complement work in the academic and industrial sectors.

The current paper presents a brief summary of a feasibility study for a first demonstration plant
for this technology. A complete report of this study M should be available by the time of the
current meeting. The study was conducted by a committee (see acknowledgement for a list of
members) that included participants from the CFFLS, FETC and Burns & Roe. The goals of the
study were as follows:

1. To establish a conceptual design for the demonstration plant.

2. To carry out an economic analysis and environmental assessment.

3. To develop a group of stakeholders for the technology.

Potential Resource and Current Practice

Currently, over 44 billion Ibs. of waste plastic  are disposed of in the U.S. each year. This is
approximately 175 1bs. of waste plastics for every man, woman and child in the country. Plastic
recycling in the U.S. is primarily mechanical recycling - melting and re-extruding used plastics
into recycled plastic components. Uncolored high density polyethylene (HDPE), or milk jugs, is
the preferred feedstock for mechanical recycling, although colored HDPE can be used for some
types of products, such as plastic lumber, park benches, and marine pilings. Polyethylene
terephthalate (PET), used primarily for soft drink bottles, can be recycled into synthetic fibers
and carpet feedstock. According to the EPA, ® approximately 50% of PET soft drink bottles and
30% of HDPE milk and water bottles are recycled but only about 5% of all waste plastics.

Over 280 million automotive tires “ are disposed of annually in the U.S., or approximately one
tire (~20 Ibs.) for each person. Furthermore, it is estimated that there are 4 billion tires “on the
ground” in this country. Tires are combusted, usually with coal, in utility boilers to produce
electricity * and they are burned in cement kilns; although these methods of utilizing waste tires
are productive, they are not recycling. As part of this study, visits were made to a tire shredding
and recycling company. ©  Most of the tires are shredded to a nominal size of 2-4 inches and
sold to utilities for combustion. The tipping fee of $0.75 - $1.00 per tire approximately pays the
cost of shredding. The price paid by utilities for shredded tires is $20 —25 per ton. At a size of
2-4 inches, most of the steel wire is retained in the tires and it is incorporated into the slag or ash.

A smaller percentage of used tires is shredded to small particle sizes, either by means of
recycling through the shredder with finer screen sizes or using such methods as cryogenic
comminution, which produces a product known as crumb rubber. ' Steel wire is separated in
the process by magnetic and other methods and can be sold as scrap steel. Crumb rubber is used
as an additive to asphalt " and for fabrication of rubber mats used for playgrounds, running
tracks, stables, etc. A small percentage of crumb rubber (5-10%) from used tires can be added
back into new tires; automobile manufacturers nay require this in the near future. The cost of
producing crumb rubber is approximately 10-20¢ per pound and it is normally sold for 40-50¢
per pound. © Currently, 15% of the tires disposed of in this country are recycled. ®
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“Waste oils, greases and fuels are also considered in the current report. Although they are not
polymers, they are petroleum-derived and coprocess with waste plastics and rubber extremely
well. Currently, approximately 30 million barrels of waste lubricating oil, grease and fuel must
be either reprocessed or disposed of in the U.S. each year. ®

The quantities of oil and valuable by-products that could be recovered by liquefaction and
upgrading the waste polymers generated annually in the U.S. are estimated in Table 1, assuming
a yield of 5 barrels of oil per ton of hydrocarbon feedstock. Important byproducts include carbon
black and steel wire from the tires, and aluminum foil derived from labels and lids on plastic
containers.

Table 1. Quantities and value of potential products from waste polymers

Waste polymer | Tons/year Oil (barrels/yr) | By-product (tons/yr) Value ($/yr)

Plastics 22 million 110 million Al foil (220,000) 44,000,000

Tires 2.8 million | 8.4 million Carbon black (840,000) | 168,000,000

Steel wire (280,000) 14,000,000

Waste oil 30 million
Total Oil 148 million 2,960,000,000
Total Potential Revenue $3,186,000,000

In arriving at the dollar values of the products in Table 1, rather conservative values have been
assumed: oil - $20/barrel; activated carbon bjack - $200/ton; aluminum - $200/ton; and steel -
$50/ton. It is assumed that the carbon black has been activated and cleaned. In addition to the
loss of this potential revenue, approximately a billion dollars per year is currently being spent to
put most of these waste materials into landfills. Furthermore, coprocessing these wastes with
coal and petroleum resid could approximately double the potential oil resource.

German feedstock recycling industry

The country with the most aggressive recycling program in the world is undoubtedly Germany.
The development of the German recycling industry has been in response to very restrictive
legislation that requires 80% of all consumer packaging materials to be recovered and 80% of all
materials recovered to be recycled. The response of German industry to this law has been the
creation of the Duales System Deutschland or DSD. Member companies of the DSD place a
small surcharge (roughly a penny) on every container they sell. The money collected (~4 billion
DM) is used to subsidize companies that collect, separate, prepare and recycle waste packaging
material. DSD supports processing plants that convert the waste plastic into oil, olefins,
synthesis gas, and reducing gases for production of steel in blast furnaces. The processing plant
closest to the technology discussed in the current report is the liquefaction plant of Kohedl-
Anlage Bottrop, GmbH (KAB), which is currently liquefying 80,000 tons of DSD waste plastic
feedstock per year. As part of the feasibility study, members of the committee had many
valuable interactions with representatives of the DSD and their contractors and a complete
description of their operations is given in the full feasibility study report. "

Research Summa .
Recent research in the U.S. has been summarized in several conference proceedings volumes.
1

Much research and development has also taken place in Germany. ('*'® ~ Some of the
results that are most pertinent for demonstration plant development are given below.

-

Plastic liquefaction and coprocessing: The liquefaction of commingled waste plastic typically
yields 80-90% oil, 5-10% gas, and 5-10% solid residue. Solid acid catalysts and metal-promoted

solid acid catalysts improve oil yields and oil quality. At temperatures above 440 °C, thermal
and catalytic oil yields are comparable but lighter oil products are produced catalytically. No
solvent is required but good results have been with mixtures of waste oil and plastic. The
reactions can be carried out at low hydrogen pressures (~100-200 psig) and with low hydrogen
consumption (~1%).

Coprocessing of plastic with coal and resid has been investigated. Generally, the best results

have been obtained when using catalysts with both hydrogenation and hydrocracking functions,
such as metal-promoted SiQ,-Al,03 or mixtures of metal hydrogenation catalysts with HZSM-5.
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Oil yields of 60-70% and total conversions of 80-90% have been obtained. High hydrogen
pressures and a solvent with some aromatic character such as petroleum resid are required.

Rubber liquefaction: Crumb rubber is readily liquefied at 400 °C under low hydrogen pressures
(~100-200 psig), yielding 50-60% oil, 5-10% gas, and 30-40% carbon black. The oil product is
improved by the presence of a metal hydrogenation catalyst such as nanoscale iron or
molybdenum sulfide. Experiments on the coprocessing of tire rubber with coal indicate that
rubber converts to oil in the same manner as it does when coal is not present. High hydrogen
pressures and a hydrogenation catalysts are required for coprocessing of rubber and coal.
Because of their relatively high content of carbon black (~30%) and wire (~10%), the feasibility
committee concluded that the best approach for tires is to pyrolyse them and hydrotreat the
pyrolysis oil, either alone or in mixtures with coal and/or plastic. The carbon black and wire can
then be easily separated as byproducts of the process. Activation of the carbon black yields a
carbon product with a surface area of several hundred mz/g.

Plant Design
A modular design was chosen for the demonstration plant. The three principal modules for the

base design, illustrated in Figure 1, are as follows:
(1) Tire module - tire pyrolysis, separation of steel wire, and activation/upgrading of
carbon black.
(2) Waste plastic module - Melting/depolymerization (M/D) of plastics at a moderate
temperature (~380 °C), condensation of light volatile oils with removal of volatile HCI,
removal of Al foil and other inerts, and hydrocracking of the liquid product.
(3) Upgrading module - catalytic upgrading of the liquid products from modules 1 and 2
in a slurry phase reactor using a dispersed, nanoscale, iron-based catalyst and distiilation
of the upgraded product.
An alternative for the waste plastic module is to replace the M/D reactor with a pyrolysis reactor.
Such reactors operate at temperatures of 500-750 °C, depending on the type of reactor and
residence time, and typically produce about half as much liquid product and two to four times as
much gas and solid residue. However, the capital investment is smaller.

A modular approach was adopted to allow potential developers to choose the modules that best
suit their needs. For example, if tire recycling is the main objective, modules 1 and 3 would be
needed. If converting plastics into high quality oil is the goal, modules 2 and 3 are required.
However, module 2 alone would produce a good oil product that could meet the rcquirements of
some developers.

Other feedstocks considered are pyrolysis oils and tars from coal, petroleum resid, and waste oil.
It is assumed that these feedstocks require no preparation module, other than possibly heating to
fower the viscosity to allow easy feeding to the upgrading module.

Economic analysis: Independent economic analyses for the plant were carried out by Harvey

Schindler of Burns & Roe Services Corp. and by Mahmoud El-Halwagi and Mark Shelley of the

CFFLS and Aubumn University. The uncertainty in the results of the economic analysis is

considered to be fairly large (+ 30%) for the following reasons:

(1) The small size of the plant (200 tons/day of plastics and 100 tons/day of tires) necessitated
scaling down the cost of much larger units.

(2) There were wide variations in equipment cost quotes from different manufacturers.

(3) The committee identified several unanswered research questions related to plant design.

Several modular combinations are considered in the economic analysis given in the complete
feasibility report. ) In the current paper, however, in the interest of space, only the base design
shown in Figure 1 will be discussed. The results are summarized in Tables 2-4 and Figure 2. In
Tables 2 and 3, Schindler’s results are given in column 2 and El-Halwagi’s and Sheltey’s appear
in column 3. The costs are given in units of millions of dollars (MM). It is seen that some of
the capital and operating costs in columns 2 and 3 are in reasonable agreement, while others
differ significantly. The differences reflect markedly different equipment cost quotations
received from different vendors and differences of opinion on the operating requirements of
different units in the plant. Currently, the committee is still working to resolve these differences.
For the current paper, the author has assumed a set of capital and operating costs arrived at after
discussions with Schindler, El-Halwagi and Shelley that appear to be a reasonable compromise.
These costs appear in column 4 of Tables 2 and 3. Table 4 gives the product values, total
revenues, profits and returns on investment (ROI) for the plant using the compromise costs. The
results in Table 4 are arrived at assuming plant operation for 330 days per year with the product
values and tipping fees indicated in column 1. Four different scenarios are considered for waste
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tires. Case A is the most conservative; it assumes that the shredded tires are purchased from a
tire recycling company at a cost of $20/ton. Cases B assumes that shredded tires are delivered to
the plant free, while case C assumes that shredded tires are delivered to the plant and the supplier
pays the plant a tipping fee of $20/ton. These cases are based on discussions with environmental
officials from two states who indicate that they are now paying to have waste tires shredded and
then paying to have the shredded tires placed in landfills. Finally, case D assumes that whole
tires are delivered to the plant with a tipping fee of $0.75/tire and are shredded at the plant.

The results are quite promising. With a tipping fee of $30/ton for waste plastics, the ROI ranges
from 8.6% to 13.5% for cases A to D at an oil price of $20/barrel and from 12.7% to 17.6% at an
oil price of $25/barrel. For a 15 % ROI at $20/barrel, the required tipping fee per 1on of waste
plastic ranges from $41 to $78/ton. Anticipating that tipping fees will continue to rise in this
country as they have in the rest of the world, the ROI has been calculated as a function of the
tipping fee for waste plastics and the results are shown in Figure 2. Here, the four solid lines are
the results for $20/barrel oil and the four dashed lines are the results for $25/barrel oil assuming
the four scenarios discussed above for tire tipping fees. It is seen that ROIs of 15-25% are not
unreasonable for this demonstration plant.

Conclusions

A brief summary has been given of some of the results of a feasibility study for a demonstration
plant for the liquefaction of waste plastics and tires and the coprocessing of these solid wastes
with coal, resid and waste oil. The current paper considers the economics only for liquefaction
of plastics and tires. The results for a 300 ton/day (200 - plastics, 100 - tires) demonstration
plant are quite promising. With oil priced at $20/barrel, the ROI on a capital investment of $49.7
million is estimated to range from 8.6 % to over 20 %, depending on the tipping fees received for
waste plastics and tires. With oil priced at $25/barrel, the ROI ranges from 12.7 % to over 25 %.
These results are considered particularly encouraging in view of the fact that significant
economies of scale could be realized with larger plants. Thus, it seems quite possible that a
successful demonstration plant of the size envisioned could lead to a new industry that converts
waste polymers into oil and other valuable byproducts.
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Table 2. Capital costs - case 1: tire pyrolysis, plastics M/D, and upgrading modules.

Unit Schindler, Auburn, $MM | Compromise,
SMM SMM
Tire pyrolysis 4.300 4.500 4.400
Plastics shredding 10.000 0.339 3.500
Plastics M/D 7.000 9.000 8.000
Plastics hydrocracker 2910 1141 7.16
Hydrogenation reactor 4.703 8.55 4.703
Carbon black activation 2.000 2.000 2.000
Hydrogen purification 1.698 0.085 0.085
Product fractionater 0.826 0.594 0.710
General offsites 11.032 11.006 11.019
Subtotal 44.469 47484 41417
Contingency(20%) 8.894 9.497 8.315
Total 53.363 56.981 49.732
Capital recovery (15%) 8.004 8.547 7.460

Table 3. Operating costs - case 1: tire pyrolysis, plastics M/D, and upgrading modules.

Cost Item Schindler, Aubum, SMM | Compromise,
$SMM $MM
Maintenance 1.512 2.432 1.678
Labor 3.160 1.920 2.54
Utilities 0.771 1.015 0.893
Purchased hydrogen 0.823 0.774 0.799
Catalysts 0.628 0.338 0.483
Lime 0.327 0.074 0.201
Other chemicals 0.077 0.088 0.083
Solid waste disposal 0.026 0.702 0.297
Wastewater treatment 0 0.009 0.009
Total 7.984 8.012 7.643

Table 4. Product values, profit and ROI for Compromise costs in-Tables 2 and 3. Plant is
assumed to operate 330 days per year.

Product sMMPA TsMM® T sMM@ | sMM™®
Qil at $20/bl 8.296 8.296 8.296 8.296
Act. carbon black - $200/ton 1.795 1.795 1.795 1.795
Steel - $50/ton 0.238 0.238 0.238 0.238
Aluminum - $200/ton 0.264 0.264 0.264 0.264
Plastic tipping fee - $30/ton 1.980 1.980 1.980 1.980

[ MShredded tires cost $20/ton -0.660

| ®lShredded tires are free 0

| ©)shredded tires bring tipping fee of $20/ton 0.660
DTires shredded at plant; tipping fee of 2475
$0.75/ire.”
Total Revenue with oil at $20/barrel 11913 12,573 13.233 15.048
Profit 4.270 4.930 5.590 6.845
ROI with $30/ton tipping fee for plastics 8.59 % 9.91 % 11.24% [13.50%
Plastic tipping fee for 15% ROI $78/ton | $68/ton $58/ton | $41/ton
Total Revenue with oil at $25/barrel 13.976 14.636 15.296 17.111
Profit 6.333 6.933 7.653 8.808
ROI with $30/ton tipping fee for plastics 1273 % | 14.06 % 1539% [17.62%

“For case D, in which the tires are shredded at the demonstration plant, there is an increase in
total capital costs of $248,000 and an increase in annual operating costs of $660,000.
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COPROCESSING COAL WITH HYDROGENATED
VACUUM PYROLYZED TIRE OIL

Yanlong Shi, Lian Shao, William F. Olson and Edward M. Eyring
Department of Chemistry, University of Utah, Salt Lake City, Utah 84112

" Keywords: coprocessing, vacuum pyrolyzed tire oil, hydrogenation, coal
Abstract

A two-step coprocessing of waste rubber tires with a high volatile bituminous coal is
advantageous. The first step involves pyrolyzing the waste rubber tires under vacuum at 600 °C. The
condensed volatile material, called vacuum pyrolyzed tire oil (VPTO), is then used as a coal solvent.
This solvent increases coal conversion to liquids by 20% when compared to coal conversion with
waste rubber tire crumb. GC/MS and NMR analyses of the VPTO show the presence of non-
hydrogen donor molecules, such as naphthalene, anthracene, phenanthrene, pyrene, and their
methylated derivatives. Partial hydrogenations of VPTO were carried out using different types of
presulfided hydrogenation catalysts, including Ni/ALO,, CoMo/AL,0,, NiMo/Al,0,, NiW/Al,0,,
Ni/SiO,-Al,0,, Pd/activated carbon, unsulfided PUALQ, and Pt/activated carbon. The
hydrogenations of VPTO were also investigated under different temperatures and hydrogenation
pressures when the catalyst was Ni/Al,O,. The hydrogenated products were characterized by NMR,
GC, GC/MS and elemental analysis. The partially hydrogenated VPTO (HVPTO) products were then
coprocessed with different coal ranks at different reaction temperatures and pressures with and
without finely dispersed Mo naphthenate, Mo(CO),, (NH,),MoS, and Mo/Fe,0,/SO, catalysts.
Several model compounds were coprocessed with coal in order to make comparisons with the
HVPTO.

Introduction

Solvent plays an important role in coal liquefaction processes. Two features are critical for
a solvent to be effective. It must be a good physical solvent for coal products, and it must have H-
donor or H-shuttling capacity in order to hydrogenate and stabilize free radicals derived from coal.
For a commercial coal liquefaction plant a plentiful and economical supply of process solvent must
be available. A possible answer is to utilize various waste oils as coal liquefaction solvents.
Converting waste rubber tires back into vacuum pyrolyzed tire oil (VPTO) is one approach.'?
Williams and Taylor have shown depolymerization of tire polymer by pyrolysis produces butadiene
and styrene products and fragments thereof.” The pyrolysis products then proceed through Diels-
Alder type reactions to form cyclic compounds which dehydrogenate to yield aromatic molecules that
are poor hydrogen donors.** These products facilitate coal dissolution during liquefaction, and
increase coal conversion by 20 % when compared to coal conversion with rubber tire crumb.?
McMillen and coworkers suggested that non-donor molecules aid in the cleavage of coal bonds.®
Mochida ef al.” and de Marco and coworkers® have shown that partial hydrogenation of non-donors
to form H-donor molecules using a hydrogenation catalyst followed by processing the hydrogenated
solvent with coal can be an effective method of coal liquefaction

In the present study, the objectives of hydrogenating VPTO were to (1) convert aromatic
molecules (especially polyaromatic nondonors) in the oil to hydroaromatics with the capability of
donating hydrogen; (2) crack some large polyaromatic molecules to lower molecular weight material
that might serve as a better solvent; (3) reduce the coking effect generated by the large polyaromatic
molecules, (4) eliminate the need for a disposable coal liquefaction catalyst, making the coprocessing
more economical and (5) optimize coal conversion to liquids by coprocessing the partially
hydrogenated VPTO (denoted HVPTO) with coals under a range of conditions.

Experimental

Materials. All coals (-60 mesh) were obtained from the Penn State Coal Bank and stored
under nitrogen at 0 °C, including Blind Canyon (Utah) coal (DECS-6), Illinois #6 coal (DECS-2),
Smith-Roland coal (DECS-8), Beulah coal (DECS-11), Pocahontas coal (DECS-19) and Wyodak-
Anderson coal (DECS-26). The model compounds were obtained from Aldrich and used without
further purification, including tetralin, naphthalene, pyrene, phenanthrene, anthracene and 9,10-
dihydroanthracene. Oil obtained by vacuum pyrolysis of waste rubber tires was produced by Conrad
Industries, Chehalis, WA. The VPTO was stored under ambient conditions. Properties of the VPTO
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are listed in Table 1. Several hydrogenation catalysts were used on the VPTO, including Ni/Al,0,
(Harshaw), NiMo/ALQ, (Katalco, 6.7% NiO% and 27.0% MoQ,), CoMo/ALO, (Nalco), NiMo/AlL O,
(Harshaw), NiMo/AL,O, (5.4% Ni0% and 20.0% Mo0,), Ni/Si0,-AL0, (Harshaw), Pt/activated
carbon (5%Pt, Alfa), PYALO; (5%Pt, Alfa) and Pd/activated carbon (5% Pd, Alfa). Four finely
dispersed catalytic systems were used for the coprocessing of HVPTO with coal: Mo naphthenate
(ICN Biomedical Inc.), (NH,)MoS, (Aldnch) Mo(CO), (Aldrich) + S and Mo/Fe,0,/SO, + S (Prof.
Wender's laboratory).

Hydrogenation of VPTO. All hydrogenation catalysts were presulfided at 350 °C for two
hours except Pt catalysts. The presulfidation apparatus is shown in Figure 1. The hydrogenation
experiments were completed using a well-stirred stainless-steel 150 cm’ autoclave reactor (see Figure
2) under various reaction conditions for 1 h. Most reactions were carried out at 325 °C and 1000 psig
of Hy(cold). During a typical hydrogenation run, the reactor was charged with 4 g freshly presulfided
catalyst and 20 g of VPTO.The reactor was then sealed, purged with N, twice, and charged with
1000 psig (cold) of H,. An efectric furnace brought the reactants to the set point temperature at a rate
of about 8 °C/min. At the end of the reaction time, measured from the time reaction temperature was
reached, the reactor was cooled with a fan to room temperature. The gases were vented (H,S was
trapped by NaOH solution) and the hydrogenated liquids with solid catalyst were collected for further
use or analyses. The separation of the liquid from the solid catalyst was completed by filtration with
fritted glass filters (medium pore size).

Coal-VPTO or HVPTO Coprocessing. Coprocessing experiments were carried out in 27
cm® horizontal tubing reactors. Reactants were brought to the set-point temperature, usually within
10 min, by immersing the reactor in a preheated fluidized sand bath. The reactor was shaken
horizontally (3 times/s) to ensure adequate mixing. At the end of a 1 h reaction time, the reactor was
removed from the sand bath and allowed to cool at room temperature for 5 mins, and quenched in
cold water. Reaction products and solids were removed and extracted with THF, and then the solvent
was removed with a rotary evaporator. The THF soluble portion was dried under vacuum for two
hours and wexghed The THF insoluble residue remaining in the Soxhlet extractor thimble was also
dried for two huwrs under vacuum. The dried THF solubles were then extracted with cyclohexane.
The cyclohexane was removed from the oil sample using a rotary evaporator. The cyclohexane
insoluble residue is referred to as asphaltenes. The cyclohexane soluble portion is referred to as oil.
(NH,),MoS, was used as received to impregnate the coal from aqueous solution by the incipient
wetness technique. Mo naphthenate was dissolved in HVPTO and then mixed with the coal to get
a fine dispersion. Mo(CO), (Aldrich) + S was ground to a fine powder and then mixed up with the
coal. Mo/Fe,0,/SO, was calcined at 550 °C for approximately 2.5 hours before use. All four of the
catalysts were used with 1% by weight presence of Mo or its equivalent (for Mo/Fe,0,/SO, system).

Reactant and Product Characterization Techniques. GC-MS analyses were completed
on a Hewlett-Packard 5890 series II gas chromatograph coupled to a Hewlett-Packard 5971 mass
spectrometer. A J & W 100 meter DB-1 column was used for the GC-MS analyses. Elemental
analyses were completed by Atlantic Microlabs, Norcross, Georgia. 'H NMR analyses were
completed on a Varian XI.-300 NMR spectrometer, and CDCl, with 1% TMS (tetramethylsilane) was
used as solvent.

Total conversion of coal and conversions to product fractions were defined on an ash-free
basis as follows :
coal conversion: Yr=100(1-Y); Y = (W;- Wg - W)W
conversion to asphaltenes: Y, = 100(W /W)
conversion to oils and gases: Y, . g = 100(Y;-Y,)
where W, W, W, W, and W, are masses of THF insoluble products, catalyst, ash, asphaltenes

and moisture- and ash-free coal; Yy, Y,, and Y, denote total, asphaltenes and gas + oil yields,
respectively.

Results and Discussion

Hydrogenation of VPTQ

An ideal hydrogenated VPTO would serve as both a good solvent and a good hydrogen donor
during processing with coal. That means that one should seek a suitable hydrogenation catatyst under
proper reaction conditions to convert the polyaromatic molecules to partially hydrogenated ones, e.g.,
converting naphthalene to tetralin instead of decalin. Our GC/MS (Fig. 3a) and 'H NMR (Fig. 42)
analyses show a high percentage of non-donor aromatic molecules in VPTO, such as benzene,
naphthalene, anthracene, phenanthrene, pyrene, and their methylated derivatives. Seeking to achieve
mild hydrogenation, different types of presulfided hydrogenation catalysts were tested at 325 °C and
1000 psig of H, (cold) for 1 h, including N¥/AL,Os, CoMo/AlLO;, NiMo/Al,O,, NiW/ALO;, Ni/SiO,-
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ALO; Pd/activated carbon, unsulfided Pt/ALO; and Pt/activated carbon. Hydrogenation of VPTO
was also investigated at different temperatures and hydrogenation pressures when the catalyst was
Ni/ALQ;. NMR, GC and GC/MS data indicate that the degree of hydrogenation depends not only on
the catalysts used but also on the reaction temperature and H, pressure. We found that NiMo/ALO,
(6.7% NiO and MoQ,) and N/AL,O, are the best catalysts, and 325 °C and 1000 psig of H, (cold) are
the optimum reaction conditions for the subsequent coprocessing of HVPTO with coal. Two typical
'"H NMR spectra of HVPTO are shown in Fig. 3b (PVALQ;, 325 °C and 1000 psig of H,) and 3¢
(NVAL,Os, 325 °C and 2000 psig of H,). GC/MS data shown in Figs. 4a and 4b indicate that many
polyaromatic molecules were changed to hydroaromatics, e.g. methylated derivatives of naphthalene
were converted to those of tetralin.

Effect of Hydrogenation Catalysts

Figure 5 shows the effect of using nine different hydrogenation catalysts (A: Ni/Al,O;; B:
CoMo/ALO;; C: NiW/ALO;; D: NiMo/ALQ; (6.7% of NiO and 27%Mo0;); E: NiMo/AlL,O; (5.4%
of NiO and 20%Mo0Q,); F: PVALQ;; G: Pt/Carbon; H: Pd/Carbon and I: Ni/Si0,-AL,0;) in preparing
HVPTO (Hydrogenation conditions: 325 °C, 1 h and 1000 psig of H, (cold)) on the coal conversions
of the the subsequent stage, when Blind Canyon coal was coprocessed with the hydrogenated oils
without coal liquefaction catalysts at 430 °C and 1000 psig of H, (cold) for 1 h. For comparison
purposes the coprocessing of Blind Canyon coal with unhydrogenated VPTO was also carried out
under the same reaction conditions (represented by column J). Differences in the effects of
hydrogenation catalysts on the coal conversion are not large from one catalyst to another and vary
in the following order: NiMo/Al,O, (D, 67.1%) > Ni/AlLQ, (A, 63.8%) > NiW/AL,0;(C, ¢1.6%) ~
Pt/Carbon (G, 61.1%) ~CoMo/AlO; (B, 59.8%) > NiMo/Al,0, (E, 57.2%) > PVALO; (F, 55.7%)
> Pd/Carbon (H, 50.3%) ~ Ni/Si0,-Al,0, (I, 50.2%) > No catalyst, VPTO (J, 34.1%). The coal
conversion yield does indirectly reflect the hydrogenation behavior. The highest conversions for
NiMo/ALO; (6.7% of NiO and 27% of MoO;) and NAL,O; mean that they convert the
polyaromatics to hydrogen donor-rich hydroaromatics to the optimum extent. It is not surprising that
the conversion yield for the coprocessing of VPTO with Blind Canyon coal is the lowest (roughly
half of the highest conversion) because no hydroaromatics are present in VPTO. The advantage of
the hydrogenation pretreatment over unhydrogenated VPTO for the coprocessing is proven
conclusively.

Comparison Between Model Compounds and the Hydrogenated VPTQ

Figure 6 shows the comparison of HVPTO (hydrogenated by Ni/Al,0,) as solvent with six
model compounds, when coprocessed with Blind Canyon coal without a coal liquefaction catalyst.
It can be seen that naphthalene, anthracene, phenanthrene and pyrene, which are polyaromatic
compounds, give relatively low coal conversions (<52%), due to their non-donor character. The low
but still significant conversions obtained with these solvents must be attributed either to direct
interaction of H, with coal or to H-shuttling reactions in which solvent transfers hydrogen to coal
from the gas phase or from hydrogen-rich portions of coal. On the other hand, HVPTO like tetralin
and 9,10-dihydroanthracene, which are hydroaromatic compounds, gives a relatively high liquefaction
yield (HVPTO (63.8%) < 9,10-dihydroanthracene (66.0%) < tetralin (69.1%)). These results are
consistent with the strong H-donor capacity of these model compounds.

Influence of the Hydrogenation Temperatures and Pressures

The effects of hydrogenation temperatures and pressures on the coprocessing of HVPTO with
Blind Canyon coal (without a coal liquefaction catalyst) at 430 °C are shown in Fig. 7 and Fig. 8,
respectively. Figure 7 indicates that when the hydrogenation temperature is 325 °C the highest coal
conversion can be obtained (40.9% at 400 °C < 54.3% at 170 °C < 55.2% at 260 °C < 63.8% at 325
°C). Figure 8 shows that when H, pressure is 1000 psig (cold), coal conversion is better than when
H, pressure is either 500 psig (cold) or 1500 psig (cold). Therefore, hydrogenation at 325 °C and
1000 psig of H, (cold) are the optimum reaction conditions. HVPTO obtained at these optimum
hydrogenation conditions was used in the subsequent studies. These results are supported by
Denmirel's detailed hydrogenation studies of polyaromatics.’

Effect of the Rank of Coals

Coal conversion values as a function of coal ranks, when the coal was coprocessed with the
HVPTO hydrogenated by NIVALO, without a coprocessing catalyst are reported in Fig. 9. The coals
are listed according to rank with Pocahontas the highest ranking coal and Beulah the coal of lowest
rank. The conversions vary as follows: Illinois #6 (81.9%) > Smith-Roland (68.0%) > Wyodak-
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Anderson (65.1%) > Blind Canyon (63.8%) > Beulah (52.9%) > Pocahontas (49.5%). The data
indicate that the coal conversion has no correlation with coal rank when the coals are coprocessed
with HVPTO. Illinois #6 coal has the largest proportion of sulfur and iron oxide among all six coals.
These two substances combine to form pyrite or pyrrhotite which can then act as a catalyst. Thus,
Illinois #6 coal shows the highest conversion. Pocahontas has a high fixed carbon content and a low
volatile matter content and thus is unreactive. We chose Blind Canyon coal for the coprocessing
investigations because it has the lowest percentage of sulfur and iron.

Effects of Coal Liquefaction Catalysts and Coprocessing Temperatures

The comparison of the coprocessing of HVPTO (hydrogenated by Ni/Al,05) and VPTO with
or without coal liquefaction catalysts at 430 °C and 350 °C is reported in Fig. 10 and Fig. 11,
respectively. In either Fig. 10 or Fig. | 1, the catalytic effect is obvious, especially when (NH,),MoS,
or Mo/Fe,0,/SO, + S were used. These two catalysts increased the coal conversion to 94.2% and
91.3% from 63.8% without coal liquefaction catalyst at 430 °C. The incipient wetness technique for
the (NH,),MoS, impregnation provided a very fine catalyst dispersion, which is probably the reason
why it yielded the highest conversion. The high conversion obtained from the Mo/Fe,0,/SO, + S
system is possibly due to the superacid structure of the catalyst, which increased the cracking or
hydrocracking of coal considerably compared to other catalysts, such as Mo(CO), + S and Mo
naphthenate. When the coprocessing temperature was increased from 350 °C to 430 °C, the
conversion for HVPTO without catalyst increased from 53.9% to 63.8%, but conversions with
(NH,);MoS, and M(CO), + S as catalysts increased from 59.1% and 73.8 % to 70.1% and 94.2%,
respectively.

Conclusions

Hydrogenated VPTO (HVPTO) is a much better solvent than unhydrogenated VPTO for
coprocessing with coal, but no effect of varying coal rank is observed. NiMo/Al,0, (6.7% of NiO and
27% Mo0,) and Ni/Al,0O, are the best catalysts for converting polyaromatics to hydrogen donor-rich
hydroarmatics among nine tested catalysts. 325 °C and 1000 psig of H, (cold) are the optimum
hydrogenation conditions. While HVPTO is a better solvent for coprocessing compared to non-donor
polyaromatic model compounds, it is not as good as strong H-donor model compounds such as
tetralin and 9,10- dihydroanthracene. (NH,),MoS, and Mo/Fe,0,/SO, are excellent coal liquefaction
catalysts when HVPTO is coprocessed with coal.
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Table 1. Properties of vacuum pyrolyzed tire oil (VPTO)
provided by Conrad Industries, Chehalis. YWA.

C, wt% 87.7
H, wt% 11.0
S, wt% 0.6
N, wt% 0.3

1 O, wi% 04

K atomic H/C 1.51

Zn 40 ppm
cyclohexane insolubles 5.2%

Fumace

N\ \ }\[
VZZZZZTZ 770 | ~ Temocoupte

Pran)
Temperature To Hood
Controller —

CdCl, Solution

Figure 1. Hydrogenation catalyst presulfidation unit, cited from Ref. 9

Figure 2. Autoclave reactor assembly for the hydrogenation experiments, cited from Ref, 9.

1: Reactor; 2: Heating jacket; 3: Thermocouple; 4: Magnetic drive assembly; 5: Motor;

6: Stirrer controller; 7: Emergency dump; 8: Pressure gauge; 9: Nitrogen cylinder; 10: Hydrogen
cylinder; 11: Gas sample collector; 12; H,S trap; 13: Wet flow meter and 4: Temperature controller
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Figure 3. 300 MHz '"H NMR spectra of VPTO and HVPTO (CDC, with 1% TMS used as solvent). (a):
VPTO; (b): HVPTO by PYALO, at 325 °C, | h and 1000 psig of H, (cold) and (c): HVPTO by Ni/AL O,
at 325 °C, 1 h and 2000 psig of H, (cold).
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H [ J

Catalysts used in preparing
HVPTO:
A: N/ALO,; B: CoMo/ALOy;
C: NiW/ALO;;
D: NiMo/ALO,,

(6.7% of NiO, 27% of MoO)
E: NiMo/ALO,;

(5.4% of NiO, 20% of MoO,)
F: Pt/A)05  G: Pt/Carbon;
H: Pd/Carbaon;
% NVALO,-5i0y;
J: No Catalyst

Figure 5. Effect of using nine different hydrogenation catalysts in preparing HVPTO, The catalysts
indicated on the right (A, B, etc.) were used to prepare the HVPTO (Hydrogenation conditions:
VPTO, 325 °C, 1 h and 1000 psig of H, (cold)). Then the resulting HVPTO was coprocessed with
Blind Canyon coal with no catalyst present. (Coprocessing conditions: Blind Canyon coal with
HVPTO or VPTO, 430°C, I h, 1000 psig of H, (cold) and Myypro/Meey = 2/28). The last column
(J) represents coprocessing of VPTO with Blind Canyon coal.
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3 B: Tetralin
E C: Anthracene
E D: Phenanthrene
H E: Pyrene
3 F: Naphthalene

H: 9,10-Dihydroanthracene

Comparison of HYPTO with model compounds

Figure 6. Comparison of HVPTO (hydrogenated by Ni/Al,O, at 325 °C, 1 h and 1000 psig of H,
(cold)) as solvent with several model compounds for the coprocessing with Blind Canyon coal.
(Coprocessing conditions: 430 °C, 1 h, no catalyst, 1000 psig of H, and m,,c./m...;: 28/28)
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Figure 10. Effect of coal liquefaction catalysts on the coprocessing of HVPTO (hydrogenated by
Ni/ALO, at 325 °C, 1 h and 1000 psig of H, (cold)) with Blind Canyon coal.

Coprocessing conditions: 430 °C, 1 h, 1000 psig of H, (cold) and m,/m,..: 2g/2g

Ni* = N/ALO;; a: Mo(CO), + S; b: Mo naphthenate; c: Mo/Fe,0,/SO, + S; d: (NH,),MoS,
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TWO STAGE CATALYTIC LIQUEFACTION OF COAL AND WASTE TIRE

Ramesh K. Sharma, Dacheng Tian, John W. Zondlo
and Dady B. Dadyburjor
Department of Chemical Engineering
West Virginia University
P.0O. Box 6102, Morgantown, WV 26506-6102

INTRODUCTION

Disposal of waste tires is a major environmental problem.
Liquefaction of such tires in conjunction with coal was suggested
as an alternative for their disposal [1,2]. The addition of tire
has a synergistic effect on coal conversion but the synergism
decreases in the presence of catalyst at high tire/coal ratios. The
synergistic effect is mainly due to the rubber portion of the tire
and the effect of carbon black is small. The tire can be liquefied
under fairly mild conditions whereas the liquefaction of coal
requires relatively more severe conditions. This indicates that
optimum conditions for liquefaction of coal and tire are not the
gsame. Further, the simultaneous co-liquefaction of coal and tire
has the disadvantage that the carbon black of the tire is
essentially lost after the liquefaction since it is mixed with the
unreacted coal residue. Hence, a multi-stage process for coal/tire
liquefaction may be more appropriate. The first stage of this
process is the liquefaction or pyrolysis of tire to obtain tire oil
and tire residue (mostly carbon black), and the second stage is the
liquefaction of coal with tire oil in the presence of a catalyst.
Tang and Curtis [3] studied the two-stage liquefaction of coal and
tire using NiMo/Al,0, as catalyst and observed that the coal
conversion was higher than in runs where the coal was co-liquefied
with the whole tire.

In this work, two-stage catalytic liquefaction of coal and waste
tire was studied using an impregnated ferric sulfide-based
catalyst. This was shown to be a superior catalyst for coal
liquefaction ({4]. The tire was liquefied separately in first stage
at 350° or 400°C under N, or H,. In second stage, coal was liquefied
with tire oil (obtained from first stage) at 350-450°C, 1000 psi
(cold) H,, using various tire oil/coal ratios. The effect of various
tire oils, prepared under different conditions, on coal
liquefaction was studied. The results are compared to those from
single-stage co-liquefaction of coal and tire.

EXPERIMENTAL

The tire sample was obtained from the University of Utah Tire Bank
and represents a mixture of waste, recycled tires ground to -30
mesh. The tire contains 29% fixed carbon which is essentially
carbon black. Wyodak coal, which is a sub-bituminous B coal, was
used. The coal was dried overnight at ~100°C. The dried coal has a
moisture-content of <1% and 6.6% ash based on dry, ash-free (daf)
coal.

Liquefaction of Tire in the First Stage. The liquefaction of tire
was performed in first stage using an autoclave. The autoclave was
loaded with about 500 g of tire, and was purged and pressurized
with N, or H, to 1000 psi (cold). The autoclave was then heated to
the desired temperature of 350° or 400 C and maintained at that
temperature for 1h before being cooled. The gaseous products were
vented into a hood. The solid and liquid products were washed and
extracted with tetrahydrofuran (THF) for 24h. The THF-insoluble
material was separated by filtration and represents tire residue.
After the removal of THF by rotary evaporation, the THF-solubles
were obtained as tire oil. The conversion of tire was ~70% at
400°C, which indicates that the entire organic portion of tire was
converted to oil and gas. At 350°C, the conversion was ~53%. The
conversions were not affected by the choice of N, or H,. The various
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tire oil samples were designated as Tire oil #1 (prepared at 400°C
under H,), Tire oil #2 (350°C, H,) and Tire oil #3 (350°C, N,)

Liquefaction of Coal and Tire Oil in the Second Stage. The coal was
liguefied with various tire oils (obtained from first stage) at
350-450°C, 1000 psi H, (cold) using different tire-oil/coal ratios.
The experimental equipment, run procedures and analytical
techniques are essentially the same as those described earlier [2].
A stainless steel tubing bomb reactor with a volume of 27 ml was
used for the liquefaction. The reactor was loaded with the feed and
purged and pressurized with H, to 1000 psi (cold). The feed
consisted of coal and tire-oil in different ratios. The catalyst
was impregnated directly in the coal at a loading of 1.67% based
on daf coal. The gaseous products were collected and analyzed by
gas chromatography. The solid and liquid products in the reactor
were analyzed in the same way as the products from the autoclave.
The THF-insoluble material (TI) represents the unreacted coal.
After the removal of THF by rotary evaporation, the THF-solubles
were extracted with hexane for 2h. The extract was separated into
hexane-insoluble (HI) and hexane-soluble fractions. The hexane-
insoluble fraction (HI) represents asphaltenes. The conversion (X)
and the yield of asphaltenes (A) were calculated as follows:

X = (F,-TI)/Fa (1)

A = HI/Fay (2)
where F, and F,;¢ represent the amount of coal on moisture-free and
daf basis, respectively. The gas yield (G) was determined
independently from the gas analysis. The oil yield (0) was obtained
by difference:
0 = X-A-G (3)
In most cases, the combined oil+gas yield is reported since the gas
yields were usually small (~4.5% at 400°C). The experimental error
was +2%, each, in conversion and asphaltenes yield and :4% in
oil+gas yield.

RESULTS AND DISCUSSION

Effect of Preparation Temperature in the First Stage. Figures 1-3
show the effect of equivalent tire/coal ratio, Ry, on conversion
and oil+gas yield at 400°C for various tire oils. Ry represents
tire/coal ratio for which the tire-oil/coal ratio is the same as
in a given run. For example a tire-oil/coal ratio of 0.66 is
equivalent to Rg of 1 since the yield of tire oil from tire at
400°C is ~66%.

As seen in Figure 1, the conversion of coal is low but increases
dramatically in the presence of catalyst. The conversion also
increases when the coal is liquefied with Tire oil #1. The increase
is dependent on the value of Rge in both thermal and catalytic
runs. The oil+gas yield in catalytic runs also increases slightly
with increase in Rg.. The results indicate that the tire oil has
a synergistic effect on coal liquefaction. A similar synergism is
observed in thermal runs using Tire oil #2 with coal (Figure 2).
However, in the presence of catalyst, the synergistic effect of
Tire oil #2 is negligible. Essentially similar observations are
made with Tire oil #3 (Figure 3), except, in this case, the
synergism is seen in both thermal and catalytic runs, as with Tire
oil #1. Thus, the synergistic effect of tire o0il is dependent on
the preparation conditions for tire oil in the first stage. This
indicates that the nature or composition of various tire oils may
be different. Work is underway to characterize the three oils.

The major problem in first-stage-liquefaction of tire was the
recovery of Tire oil #3 since the rate of filtration was extremely
low. When a coarse filter was used, the tire o0il contained
significant concentration of carbon black particles and the
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synergistic effect of tire oil on coal liquefaction was relatively
small, as in the case of Tire oil #2. Both Tire oil #2 and Tire oil
#3 were prepared at 350°C. In addition to the difficulties in the
recovery of tire oil at 350°C, another disadvantage of using a low
temperature in the first stage is that the conversion of tire at
350°C is low so that a significant fraction of the tire oil is lost
to the carbon black-residue. This impedes the easy recycle of the
carbon black.

Effect of Liduefaction Temperature in the Second Stage. The effect
of addition of Tire oil #1 on the results of coal liquefaction at
450°C is presented in Figure 4. The synergism due to tire oil in
the absence of catalyst is small. However, in the catalytic runs,
both the conversion and yield increase in the presence of tire oil
and are highest at Rg=1. At the higher Ry value, the conversion
is essentially the same as at Rge=1 but the oil+gas yield is lower.
This is in contrast to the results at 400°C where both the
conversion and yield increased continuously with increase in Rgp.
The results of coal liquefaction at 350°C are not presented since
the conversion of coal even in the presence of catalyst and tire
0il was low.

Comparison of Two-Stage Results with Single-Stage Co-Liquefaction
of Coal and Tire. Figures 5 and 6 compare the results of two-stage
liquefaction to those from single-stage co-liquefaction of coal and
tire. As seen in Figure 5, the conversion and oil+gas yields from
two-stage liquefaction are higher than those from single-stage co-
liquefaction at 400°C and the difference increases as the value of
Rgre 1S increased. Essentially similar observations are made at
450°C (Figure 6), except, in this case, the difference between the
two-stage and single-stage results is maximum at Rg=1. Since the
most appropriate value of Rgy, from commercial point of view, is
around 1, the two-stage catalytic liquefaction is particularly
beneficial at high temperatures where the conversions are also
high.

CONCLUSIONS

1. The addition of tire o0il has a synergistic effect on coal
conversion. In the absence of catalyst, the synergistic effects are
similar with various tire oils prepared under different conditions.
With catalyst, the synergism is greatest with tire oil prepared at
400°C under H,.

2. The synergism due to tire oil increases continuously with
Rere @t 400°C. At 450°C, the maximum synergistic effect is observed
at Rge~1.

3. The synergistic effect of tire oil is greater than that of
the whole tire, especially at high tire-oil/coal ratios. This
indicates that the two-stage liquefaction may be preferable to the
single-stage co-liquefaction of coal and tire.
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AN

CO-PROCESSING OF SCRAP TIRES AND WASTE OILS
A.G. Comolli, R. Stalzer
Hydrocarbon Technologies Inc., 1501 New York Avenue, Lawrenceville, NJ 08648

ABSTRACT

In industrialized countries, new scrap tires are generated at approximately one tire per capita
per year. In the past, land filling and stockpiling of tires were the most significant means of
disposal. Today, both of these methods of disposal are environmentaily unacceptable and
pose a significant health and fire hazard. The disposal of waste oils represents another
environmental problem. Hydrocarbon Technologies Inc. is developing a new process that
offers an economically viable solution for converting both these waste materials into
marketable products, namely oils and carbonous solids. The oils are easily hydrogenated to
yield gasoline and diesel fuel components, while the solids have a potential market as
modifiers for paving grade asphalt, filler/coloring agents for rubber goods, and a carbon
black replacement. Asphalt testing has shown that the carbonous material is effective in
addressing three major sources of roadway failure: rutting, moisture damage and

embrittlement. This paper discusses the pilot plant results and preliminary economic
assessment.

INTRODUCTION

In an industrialized country new scrap tires are generated at approximately one passenger car
tire per capita per year. For the USA this amounts to 250 million tires per year and for the
European Community it amounts to 300 million tires per year. In addition, the USA alone
contains over one billion tires stored in scrap tire stockpiles. This is a problem that is
continuing to grow with the increase in population and the increase in the number of cars per
capita. Until a long term solution is found to the large number of scrap tires collected each
year, this problem will continue to grow worse.

Less than half of the new scrap tires being generated are used as a fuel supplement in power
plants, cement kilns, industrial boilers, etc. Land filling, a significant source of tire disposal
in the past, is becoming both less viable and more expensive. More and more landfills are
refusing to accept waste tires and many of those that still do also require the tires to be
reduced in size by shredding. The only other significant source of tire disposal is stockpiling.
Land filling and stockpiling are not environmentally acceptable and pose a significant health
and fire hazard. Using tires as a fuel source recovers less than a quarter of the energy used
to produce the rubber in the tire.

Waste oils from industrial sources and from automobiles represent another environmental
disposal problem, with very little incentive to reprocess the waste oil. These oils are
unpopular for reprocessing/upgrading as they have a high solids and metals content. They
are typically burned for fuel with the requisite environmental treatment of the exit streams
from the bumning facility. One of the significant difficulties in using a catalytic process to
upgrade waste oil to higher value products such as gasoline, diesel and home heating oil is
the metals content of the waste oil. The high metals content normally seen in these streams
has a major détrimental effect on the catalyst being used for upgrading. HTI has a long
history of testing coal/oil co-processing using oil streams with very high metals content. In
a co-processing environment the unconverted coal and the coal ash act as superb scavengers
of the metals and the final light product oil is very low in metals content. It is expected that
the much higher surface area of the carbon black will act as an even better medium for
removing the metals in the waste oil, providing an easy method for improving the quality of
the waste oil so that it would make a better feedstock to an upgrading facility.

HTI’s new process offers an economicalily viable solution in converting both of these waste
materials into marketable products, namely oils and carbonous solids. The process involves
two-stage pyrolysis at moderate temperature. The process was originally developed at the
University of Wyoming and thoroughly tested with a wide variety of scrap tires and waste
oils allowing for a tailoring of the product slate to meet market demands. ‘The product oils
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are easily hydrogenated to yield gasoline and diesel fuel components, while the solids have
a potential market as a modifier for paving grade asphalt, a filler/coloring agent for rubber
goods and as a carbon black replacement.

MATERIAL AND METHODS

This work was performed in a 0.3 ton/day unit. A simplified overview of the process is
shown in Figure 1. Waste tires are cut into pieces less than six inches long, preheated and
then mixed with lime and preheated filtered waste oil before entering the first of two steam
heated screw conveyor reactors in series. The primary screw conveyor reactor dissolves the
rubber shreds in the waste oil and allows the steel and fibers to separate out at temperatures
under 400°C. The upper zone of the first screw conveyor reactor is maintained at 425°C to
450°C and permits the ready removal of gases and light vils. The first reactor also permits
the use of additives to modify the final product or to assist in the dissolution of the tires and
to control the gas yields. One such additive that has been used is CaO. The heavy oils,
carbonous material, steel and fibers move to the second reactor which is maintained at nearly
480°C. This second reactor is fine tuned to drive off most of the remaining oil, leaving
behind just the residue and producing a solid carbonous residue material. The typical oil
content of the carbonous product is less than 1 W%.

RESULTS AND DISCUSSION

The product oil was evaluated to determine its initial quality as a feedstock to a refinery or
for hydrotreating. Table | summarizes the results indicating that the material would be
acceptable for either use.

Modified asphalt was evaluated with the addition of 10 W% carbonous residue to the AC-10
asphalt. The four main criteria of asphalt quality that were investigated were rutting,
oxidative ageing, embrittlement and moisture sensitivity. The improvement in rutting
performance is measured by the improvement in the complex viscosity between a control
sample and the modified sample. This showed a 50% improvement indicating that the
modified sample should be less susceptible to rutting. The ageing effect was determined by
looking at the change in the complex viscosity after the sample had been aged in an oxidative
environment (163°C for 1.4 hr). The age index for the control sample was 2.65 while it was
only 2.33 for the control sample. Embrittlement was determined by observing the change
in the complex viscosity after 2 hours and after 4500 hours. The control sample showed an
increase of 39% while the modified sample showed an increase of only 2%. Moisture
sensitivity was determined by measuring the number of freeze-thaw cycles required for
failure. This test was performed with five different aggregates. In all cases the modified
samples shows a significant increase in the number of cycles required for failure.

Another potential commercial avenue for the carbonous product is as a carbon black
replacement. An analysis of the carbonous product is shown in Table 3. As indicated by the
composition analysis, the material is nearly entirely carbon black or ash, only a small amount
of extender and polymer is still present. The ash content is significantly higher than that
found in commercial carbon blacks which are normally less than 1%. This does not severely
impact on the quality of the carbon black as measured by the surface area and DBP No.
(dibutyl phthalate absorption number in cc dibuty] phthalate / 100 gms carbon black). The
carbonous product has properties very similar to N660 which is a general purpose fumace
black with a DBP No. of 90 and a surface area of 35 m? / gm.

ECONOMICS

The commercial size plant being evaluated is 30 tons/day of waste tires or roughly 1 million
tires annually. Using current government statistics, this would be about 10% of the annual
number of tires discarded in the three-state Delaware Valley region or in the New England
region. The plant would also be sized to process 7 tons/day of waste oil. This is less than
5% of the market for the annual waste oil from 5 million cars, assuming four oil changes per
car per year, and assuming each oil change produced four quarts of useable oil. Output
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would be 12 tons/day of solids and 114 bbl/day of oil and 5 tons/day of steel and fiber
byproducts. The cost of erecting a 30 ton/day plant was estimated to be $5.0 MM. The
waste 0il is considered to be available at no cost. The base case for the scrap tires is that they
are also available at no cost and also at no tipping fee.

There are four significant product streams to be considered, two miner and two major. Of
the two minor streams, the recovered steel fibers have a ready market in the recycle industry.
The other very minor product stream is the reinforcing fiber present in tires. A market has
not yet been identified for this stream and at present no value is placed on it. Even with a
value it would have a very minor impact on the total process economics as it is such a small
process stream. In order for this process to be economical a market needs to be found for the
two main product streams, the oil product and carbonous residue material. The oil products
can be readily upgraded and should have at least an equivalent value to crude oil. For this
evaluation this was taken as $20/bbl. The carbonous material is the main product variable
effecting the economics of this process.

In order to determine the required selling price of the carbonous product a sensitivity on the
carbonous product price vs the main feed component in the carbonous product (ie. the scrap
tires) was performed. The sensitivity was performed for two different rates of return, 10%
and 15% (Figure 2). As the curves show, a selling price for the carbonous product of only
$0.12/1b to $0.13/1b is required to make this process economically feasible.

CONCLUSIONS

The co-processing of waste oils and scrap tires is a viable method for dealing with the
continuing disposal problem for both waste oil and scrap tires. The product oil is suitable
as either a feedstock to a refinery or for subsequent hydrotreating for upgrading. The
carbonous product has been ~emonstrated to have a positive impact on asphalt improving
moisture resistance, embrittlement, rutting and ageing. It is expected that these
improvements would substantially lengthen the useful life of a surface paved with an asphalt
modified with this carbonous product. The carbonous product is also a potential replacement
for a general purpose furnace black. The economics of this process are favorable even
without a tipping fee for the scrap tires at a carbonous product price of $250 / ton or higher.
Further work is being planned to improve process economics.
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TABLE 1: PRODUCT OIL ANALYSIS

Elemental Analysis, W% Distillation, W%
Carbon 85.91 IBP-177 °C 15.8
Hydrogen 11.60 177-343 °C 32.8
Nitrogen 0.36 343-538 °C 50.6
Sulfur 0.60 538 °C+ 03
Oxygen 0.83

Physical Properties
API Gravity 26
Aromatics Carbon, W% 27.8

TABLE 2: ASPHALT TESTING RESULTS

Control Modified
Complex Viscosity (n* 10%), poise 203 30.4
Oxidative Aged Complex Viscosity (n* 10%), poise 53.8 70.7
Age Index 2.65 233
Embrittlement as Measured by Complex Viscosity (n* 10%), poise
After 2 hours cure 0.78 1.21
After 4500 hours cure 1.09 1.23
% increase 39.2 20
Moisture Sensitivity as Measured by Freeze-Thaw Cycles to Failure
Brokaw Aggregate -3 13
Hardigan Aggregate 4 10
9% Street Aggregate 6 >50
Simon Pit Aggregate 4 >50
Southbend Aggregate >50 >50

TABLE 3: CARBONOUS PRODUCT ANALYSIS

Composition Analysis, W% Elemental Analysis, W%
Extender 024 Carbon 79.72
Polymer ) 3.36 Hydrogen 1.30
Carbon Black 80.40 Nitrogen 0.24
Ash 16.00 Sulfur 2.74
Quality Assessment
BET Surface Area, m¥gram 53
Dibutyl Phthalate Absorption Number 84
0il Content, W% <0.1
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FIGURE 1: SIMPLIFIED PROCESS DIAGRAM

WASTE TIRE PROCESS

WASH WATER WASTE

PRODUCT GAS

SHREDDED TIRES

e Il .| WASHER

ADDITIVE

WASTE QL

REACTOR #1
REACTOR 2

PROOUCT

STEEL & FIBERS

FIGURE 2: SENSITIVITY OF CARBONOUS PRODUCT PRICE AND TIRE COST

Waste Tire Process Economics
Tire cost required for Return shown

60 T [Waste oil available af no cost, product oil sold @520/B [

0.10 0.12 0.14 0.16 0.18
Carbonous Product Price, $/1b

-m— 10 % return —a— 15 % retum

1057




CATALYTIC LIQUEFACTION OF SURFACTANT-TREATED
COALS
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INTRODUCTION

The purpose of this study is to critically study the efficiency of the
adsorption of catalysts onto coals that have been treated with
surfactants. The diminishing supplies of petroleum requires that
research be conducted to produce coal-derived liquids as supplements for
transportation fuels. Catalyst dispersion on coal is dependent upon the
nature of the catalyst and the coal surface. Pre-treatment of coal surface
with an appropriate surfactant can enhance catalyst dispersion.” The
aim of this work is to achieve improved catalyst dispersion on coal by
preadsorption of various cationic, anionic, and neutral surfactants such
as dodecyl dimethyl ethyl ammonium bromide (DDAB), sodium dodecyl
sulfate (SDS) and Triton X-100 onto coal.

Potentially, this ongoing research can result in the development of
a low cost technique for efficient dispersion of iron and molybdenum
catalysts in coal by preadsorption of surfactants onto coal. This should
make the coal surface hydrophobic and enhance the adsorption and
dispersion of iron/molybdenum-containing organic compounds and
carbonyls, and thus provide information about the roles of coal
hydrophilic and hydrophobic sites on the chemistry of adsorption of coal
conversion catalysts. Appropriate selection of the surfactants used for
coal-water slurry preparation should allow successful integration of this
catalyst loading technique into the coal-water slurry mode of transport
which will allow sufficient time for catalyst penetration and dispersion
in the coal.

EXPERIMENTAL

An Illinois No. 6 coal (DECS-24), obtained from the Penn State
Coal Sample Bank, was used in this work. Its moisture, ash, volatile
matter, and fixed carbon contents were 13.2, 11.6, 35.4, and 39.7 %wt,
respectively, on as-received basis. Elemental analysis gave 11.6% ash,
57.3% carbon, 4.0% hydrogen, 1.0% nitrogen, 4.8% sulfur, and 8.1% wt
oxygen (by difference). The surfactants were supplied by Aldrich
Chemical Co. Ammonium molybdate(VI) tetrahydrate (AMT) was used
as the molybdenum catalyst precursor.

The zeta potentials of the raw coal and its samples that were
treated with the surfactants were measured at room temperature using
a Pen Kem 501 zeta meter as described previously.? Zeta potential
measurements allowed the determination of the surface charge
properties of the coals. The effect of surfactants and pH on molybdenum
adsorption was determined by elemental analysis for molybdenum after
the adsorption studies using atomic absorption spectrophotometery.
Pretreatment of the coal-water slurry with surfactants and subsequent
catalyst loading was done by ion-exchange technique using a Burrel
Wrist Action Mechanical Shaker, Model 75, manufactured by Burrell
Corporation, Pittsburgh, PA.

Following the surfactant and catalyst loadings, the surfaces of the
coal samples were examined using Atomic Force Microscopy (AFM) at
the Savannah River Ecology Laboratory (SREL), Aiken, SC. The
instrument used was a Burleigh ARIS-3300 AFM with two sample
scanning modes. AFM is a variation of the Scanning Tunneling
Microscope and it measures the interatomic forces and surface
features.** The samples were mounted on epoxy and imaged by tapping
with the probe tip of the AFM imaging instrument. Tapping mode
imaging overcomes the limitation of conventional scanning modes
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(contact and non-contact mode), by alternately placing the tip of t.he
scanning probe in contact with the surface to provide high resolution
and then lifting the probe tip off the surface to avoid dragging the tip
across the surface. The technique allows high resolution topographic
imaging of sample surfaces that are easily damaged, loosely held to their
substrate, or otherwise difficult to image by other AFM techniques.

The effectiveness of the catalyst loading technique was measured
by liquefaction activities of the raw coal and the catalyst-loaded samples.
Liquefaction studies were conducted in a stainless steel batch
microautoclave reactor. The internal volume of the reactor including all
tubing and connections was 60 mL. For continuous monitoring of
pressure and temperature during the experiment, an internal
thermocouple and pressure transducer were used. The samples were
tested using 6.6g of solvent, 3.3 g of coal and 6.9 MPa (1000 psi) ambient
hydrogen pressure. The reactor was then attached to the rocker arm of
a motor that vibrated at 180 cycles/min, and plunged into a pre-heated
sandbath that was heated to 425°C in 40 minutes. This temperature
was maintained for 30 minutes, after which the reactor was removed
and cooled with water. The liquid and solid products were removed from
the reactor using tetrahydrofuran(THF). Coal conversions were
calculated based on THF and heptane solubility.

RESULTS AND DISCUSSION

Measurements of the surface charge densities of the coal samples
gave the results expected for the surfactants. The raw sample produced
negative zeta potentials over the pH range investigated. As discussed
elsewhere,? the coal particles showed positive zeta potentials as a result
of the adsorption of DDAB. Since DDAB is cationic, the positive charge
density on the coal can be explained by the coulombic attraction of the
surfactant to the negatively charged sites on the coal. The opposite
effect was observed for the anionic surfactant, SDS.

As shown in Figure 1, the maximum zeta potential of the raw coal
was about -80 mV. However, adsorption of 0.25 and 0.1 M Triton
reduced the negative charge density appreciably. This is surprising
since Triton is a neutral surfactant. Reasons for this behavior will be
sought through further studies. The effects of surfactant concentration
in the adsorption of molybdenum is shown in Figure 2. As shown this
figure, a higher molybdenum adsorption occured when DDAB was used.
The minimum amount of this surfactant required to saturate the surface
is about 0.1 mol/L. However, the opposite effect (low catalyst loading)
was observed when the anionic surfactant (SDS) was used. There is
very little adsorption of molybdenum, which is ascribed to the fact that
SDS and the molybdenum oxyanions in solution are negatively charged
and create repulsive forces.

The results for the Atomic Force Microscopy studies are
apparently consistent with the results observed from zeta potential and
catalyst loading experiments. Figure 3 is a scan of the surface of the
untreated coal, which shows that the surface has rough, uneven
appearance with several crevices. The surface of the coal treated with
SDS is depicted in Figure 4. In this micrograph rod-like structures are
distributed in layered patterns on top of the rough surface of the coal.
These rods are attributed to adsorbed surfactants and/or surfactant-
molybdenum complexes onto the coal surface. Figure 5 shows the coal
surface which has been treated with DDAB followed by molybdenum
loading. This image shows a smoother, more defined coal surface, with
pellets randomly distributed on the surface. However, the composition
of the pellets is unknown at this time. The surfaces of the samples were
imaged in the dimension range from 5pm to 100 nm. The imaging of the
samples posed some difficulties in the area of uneven topology. Imaging
even small areas of the particle surface was difficult since the topology
was typically greater than the length of the AFM probe tip. In order to
obtain better images so that definitive comparisons between samples can
be made, furthur AFM studies will be conducted with thin polished
sections of the samples. Another alternative would be to fractionate the
samples and image very small (< 500 nm) size particles.
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The liquefaction data are presented in Table 1. As can be seen
from the results, the conversions for the raw coal and its sample that
was treated with the surfactant (Triton X-100) were 72 and 78 wt%,
respectively. However, a higher level of conversion (96 wt. %) was
observed for the surfactant-assisted molybdenum impregnated coal.
This result is also higher than that obtained for the nonsurfactant
assisted molybdenum loading (89 wt %) and suggest that the surfactant
may have enhanced the dispersion of the molybdenum catalyst. Further
testing is in progress to evaluate the effects of other surfactants on the
activities of the catalysts.

This work has shown that molybdenum loading can be enhanced
by treatment of an Illinios No. 6 coal with cationic surfactants, such as
DDAB prior to catalyst addition from solution. Compared to the
untreated coal, higher liquefaction activity was obtained when the coal
was pretreated with Triton X-100.
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ABSTRACT

Coprocessing of coal with plastics oil from Conrad Industries and post-consumer plastics
from Germany was performed to evaluate the effect of first stage waste plastics processing on the
final products obtained from the two stage processing of waste plastics with coal. The plastics oil
was obtained from the pyrolysis of waste plastics, and yielded an oil with a considerable amount of
light materials that were removed by distillation prior to use. The heavier fraction from the plastics
oil was coprocessed with the coal. The post consumer plastics which were introduced as solids were
processed at 440 °C for 60 min, with 2.75 MPa of H,, introduced at ambient temperature, and a first
stage catalyst which was either HZSM-5 or Low Alumina. For both sources of plastics, the second
stage reaction, in which the liquid plastics from the first stage were combined with coal, was
performed at 400 °C using either Fe or Mo naphthenate slurry phase catalyst precursors. The effect
of the waste plastics sources and processing on the product distribution and the boiling point
distribution from coprocessing with coal was evaluated and compared.

INTRODUCTION

Post consumer plastics are waste materials that are usually disposed of in land-fills. The
feasibility of taking waste plastics from actual waste streams and converting them to usable
materials, such as fuels and chemical feedstocks, is important for minimizing waste and fully
utilizing our natural resources. These post-consumer plastics contain not only the polymers
composing the plastics, but als~ the compounds that have been added to serve as antioxidants and
fillers. Hence, these plastics, both because of the composition of the plastic itself and because of the
variety in the mixture composition, may have different liquefaction properties and characteristics to
those of the pure polymer. The available supply of post-consumer plastics is relatively small and,
if converted to a liquid fuel, would only produce an annual amount that was sufficient to provide a
one month's supply of fuel for the United States. (Techline, 1996)

Previous research has been performed investigating the coprocessing of waste plastics with
coal. The results showed that single stage reactions of these disparate materials were difficult, as
neither the reaction conditions nor the catalysts could be tailored simultaneously for both materials.
(Luo and Curtis, 1996a,b) Subsequent research involved the two stage processing of coal and waste
plastics such that the waste plastics were reacted in the first stage at conditions that promoted their
conversion to liquids. (Ding et al, 1996; Luo and Curtis, 1996c) The liquid products obtained were
then used as a solvent and reacted with coal in a less severe second stage reaction that used
hydrotreatment catalysts designed to promote the liquefaction of coal. The second stage reaction
temperature affected the breakdown of the waste plastics solvent and, if too high, would result in
substantial gas production. (Luo, 1997)

This study investigated the effect of the type of first stage processing and the source of waste
plastics on waste plastics coprocessing with coal. Two different types of first stage processing were
investigated. The first type of processing consisted of pyrolyzing waste plastics in the Conrad
Industries process. (Meszaros, 1994) The pyrolyzed oil produced was the source of the plastics oil
used in this research. The second type of first stage processing was the liquefaction of post
consumer plastics, which came from households and businesses in Germany. The oil from both of
these processes was used as the solvent for the coal in the second stage coprocessing reactions.

EXPERIMENTAL
Two batches of post consumer waste were obtained. The first, from Conrad Industries, was

a pyrolysis liquid produced from post-consumer plastics. The second was obtained from Germany,
and was composed of post-consumer plastics that had been collected and extruded to increase their
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density. The European plastics mixture was supplied by Dr. Gerald P. Huffman of the University
of Kentucky, and contained small amounts of other materials such as Al granules, Al foil and paper
which were removed prior to reaction. Illinois No. 6 coal, obtained from the Argonne Premium Coal
Sample Bank, was used as received.

In this study, slurry phase hydrotreating catalyst precursors, Mo naphthenate (MoNaph) and
Fe naphthenate (FeNaph), were used for the reaction of distilled Conrad plastics oil and coal, and
for the second stage reaction of the European plastics with coal. A fluid cracking catalyst, Low
Alumina, and a zeolite, HZSM-5, were used individually in the first stage processing of the waste
plastics. Both HZSM-S and Low Alumina catalysts were pretreated prior to be being used in the
reaction by heating for 2 hr at 477 K followed by 2 hrat 811 K.

Reactions. Before the Conrad plastics oil was used as a coprocessing solvent for coal, it was
distilled at 90 °C under 30 mm of Hg to remove the light fractions. The residual fraction was used
as a coprocessing solvent. The coprocessing reaction was performed with 2 g of coal and 2 g of
distilled Conrad oil in 20 cm® stainless steel microtubular reactors at 713 K for 30 min. The reactors
were charged with 5.6 MPa of H,, introduced at ambient temperature, and were agitated horizontally
at 435 rpm during the reactions. Slurry phase catalyst precursors, MoNaph and FeNaph, were
introduced at 1000 ppm of active metal with 6000 ppm of elemental sulfur on a total reactant basis.

The European plastics mixture was reacted in the first stage in S0 cm® stainless steel
microtubufar reactors at 713 K for 60 min under an initial H, pressure of 2.8 MPa, introduced at
ambient temperature. The reactors were agitated vertically at 450 rpm. Ten grams of plastics
mixture were charged to the reactor with 10% Low Alumina or HZSM-5 on a total plastics charge
basis. The hexane soluble fraction produced from the first stage was used as the solvent for the
second stage. The second stage reaction was performed using the same procedures and conditions
as those used for the distilled Conrad oil and coal.

Product Analysis. “The liquid products from the coprocessing reactions were analyzed by
solvent fractionation using hexane as the initial solvent followed by tetrahydrofuran (THF). The
amount of gas, hexane, and THF soluble and insoluble materials produced, was determined. The
total boiling point distribution of the reaction products after coprocessing was also determined by
combining analyses of the product distribution with that of simulated distillation of the hexane
soluble fraction.

RESULTS AND DISCUSSION

Conrad Waste Plastics Oil. The research performed evaluated the effect of the type of first
stage processing and of the source of waste plastics used in the first stage. The first set of
experiments that were performed involved using the pyrolysis product from the Conrad Industries
waste plastics pyrolysis process as the coprocessing solvent. The plastics oil produced contained a
substantial amount of light materials that were distilled prior to the coprocessing reactions. Hence,
in these experiments the Conrad process was effectively the first stage process. The distilled Conrad
oil was then used as the second stage coprocessing solvent.

Three types of reactions were performed: thermal, catalytic with FeNaph and excess sulfur,
and catalytic with MoNaph and excess sulfur. The presence of a catalyst had a pronounced effect
on the amount of each fraction, hexane solubles, THF solubles and insoluble organic material 10M)
produced. Thermal coprocessing reactions yielded the lowest conversions and catalytic coprocessing
reactions with MoNaph yielded the highest conversions. The two catalysts had different effects on
the reaction product obtained. The slurry phase FeNaph and excess sulfur produced a larger amount
of hexane solubles, while MoNaph produced a larger amount of THF solubles. The coprocessing
reaction with MoNaph converted 90.4% of the solid coal to THF solubles, while the high total
recovery of 91.5% indicated that few volatiles were produced. By contrast, the coprocessing
reactions with FeNaph did not convert as much coal, yielding an 82.8% conversion, and also had a
somewhat lower total recovery of 86.8%, which indicated that FeNaph had a greater propensity for
producing volatites from the plastics oil solvent than did MoNaph.

The total boiling point distributions from these reactions compared well with the results from
the product distributions (Table 2). The amount of volatiles that are shown in the <100 °C fraction
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are the highest for the reactions with FeNaph and the lowest for the thermal reactions. The amount
of material boiling between 100 and 500 °C was greatest for the coprocessing reactions containing
MoNaph and excess sulfur. When the results are viewed in terms of the overall heaviness of the
reaction product, the thermal reactions contained the most material 87.0% in the >500 °C range and
the IOM while the reactions with FeNaph and MoNaph produced similar amounts of 69.7 and
70.4%, respectively. The reaction with FeNaph resulted in less material being converted to THF
soluble material than did the reactions with MoNaph.

European Waste Plastics. The second material used in this study was post-consumer waste
plastics that had been collected and concentrated for transportation to processing plants. The first
stage reaction was performed using hydrocracking catalysts, either HZSM-5 or Low Alumina, to
shorten the polymeric chains and produce a liquefied product. The reaction was performed at a
temperature of 440 °C with a low H, pressure, to promote hydrocracking. These conditions were
chosen because the less severe conditions did not convert the solid European waste plastics into
hexane soluble materials, and because more severe conditions would result in a substantial portion
of the waste plastics being converted into gases or highly volatile liquids. After the European waste
plastics were reacted in the first stage, the hexane soluble fraction was used as the solvent for the
second stage processing with coal. The second stage reaction was performed with a slurry phase
hydrotreating catalyst, either FeNaph or MoNaph and excess sulfur.

The product distributions from the second stage coprocessing reaction of the hexane soluble
fraction of the European waste plastics reacted with coal showed little effect due to either the first
stage or the hydrotreating catalyst (Table 3). The conversions from the second stage reactions using
HZSM-5/FeNaph and Low Alumina/FeNaph yielded very similar conversions of 83.3 and 84.7%,
respectively. The conversions from the second stage reactions with MoNaph were slightly higher,
87.1% for HZSM-5/MoNaph and 88.0% for Low Alumina/MoNaph. Some differences were
observed in the product distribution. The hexane solubles for the second stage reactions with
FeNaph averaged 19.5% and were lower than the average of 25.0% produced from the reactions
with MoNaph. The second stage reactions with FeNaph were not as effective as those with MoNaph
for converting the reactants to hexane soluble or THF soluble material.

The boiling point distributions from the two stage processing of European waste plastics and
coal were calculated by combining the simulated distillation results from hexane solubles produced
in the second stage with the product distributions from the combined first and second stages. The
total boiling point distributions, given in Table 4, show a bimodal distribution of the reaction
products. The products were either gases or light hydrocarbons boiling at <100 °C, or extremely
heavy material with boiling points of >500 °C, or IOM. The HZSM-5 first stage products, when
introduced as a solvent for the second stage coal reaction, resulted in less IOM from the two stages
than in the two stage reactions using Low Alumina as the first stage catalyst.

SUMMARY

Two stage coprocessing of waste plastics with coal was found to be affected by the source
of waste plastics and by the type of first stage processing. Pyrolysis as the first stage process cracked
the polymeric molecules into much smaller molecules, forming gases, liquids and some residual
solids. The oil fraction contained a considerable amount of light materials which were removed by
distitlation prior to its use as a second stage solvent for coal. Similarly, the removal of the heavy
plastics material from the Conrad plastics oil by the pyrolysis process yielded a solvent that was
inherently lighter and, hence, resulted in less heavy products in the second stage process than the
liquefaction solvent. By contrast, the first stage liquefaction of the European plastics was a less
severe first stage condition. Even though only the hexane fraction of the first stage products was
used as the solvent in the second stage coprocessing reaction, that solvent contained a heavier
product slate than did the Conrad plastics oil. Overall conversion from two stage coprocessing
reactions with corresponding catalysts was reduced when a liquefaction first stage was used rather
than a pyrolysis first stage.

The more active Mo naphthenate catalyst promoted higher second stage conversions that Fe
naphthenate regardless of the first stage material. The second stage conversions from reactions in
which Conrad plastics oil and liquefaction were used as the first stage process were quite similar
when Mo naphthenate was used as the second stage catalyst. Fe naphthenate showed a lower
activity than Mo naphthenate for promoting conversion, regardless of first stage processing. When
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liquefaction was used as the first stage, the overall conversion from two stage processing was
reduced due to the substantial amount of waste plastics that remained unconverted in the first stage.
It is highly likely that this material would be converted if it were recycled.(Joo and Curtis, 1997)
The catalyst present in the first stage also affected the overall conversion from two stage processing.
HZSM-5 was a more effective catalyst for promoting first stage and overall conversion than was
Low Alumina,
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Table 1. Product Distributions from Coprocessing Reactions of

Distilled Conrad Plastics Oil and Illinois No. 6 Coal

Reaction Product Distribution, (wt %) Conversion | Recovery

System Gas Hexane THF IOM (%) (%)
Solubles Solubles

Thermal 55+£02 78+10 [ 60102 | 262+1.0 | 73.8+1.0 {950+£1.1

FeNaph 58x02 323+£19 | 44715 | 172406 | 82.8+0.6 | 868+1.6

MoNaph 53+08 ] 303+26 | 54838 9.6+0.4 904+04 |915+£22

Table 2. Boiling Point Distributions from Coprocessing Reactions of

Distilled Conrad Oil and Illinois No. 6 Coal

Reaction Boiling Point Distribution (%)

System Gas <100 °C 100-500 °C >500 °C IOM
Thermal 58 5.0 3.1 60.8 26.2
FeNaph 5.8 133 11.2 52.5 17.2
MoNaph 53 8.6 15.7 60.8 9.6
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Table 3. Product Distributions from Coprocessing Reactions of

European Waste Plastics with Illinois No. 6 Coal

First Stage Second Production Distribution (wt%) Conversion Recovery
Catalyst Stage (%) (%) .
Gas Hexane THF IOM N
Catalyst
Solubles Solubles
HZSM-5§ FeNaph 4100 189£14 | 603%2.0 16706 83.3+0.7 83.1 ’
L Alumina FeNaph 4.1£0.1 195£0.7 | 61.1+£1.7 153 1.0 84710 883 ’
HZSM-5 MoNaph 4.1£0.1 24704 | 583+04 129+£0.7 87.1£0.7 90.3
L Alumina | MoNaph 3.7+0.1 252%0.2 59.1%1.3 120+1.6 880+ 1.6 877

sy

Table 4. Boiling Point Distribution from Coprocessing Reactions of

European Waste Plastics with Illinois No.6 Coal r
Reaction Boiling Point Distribution (wt%)
System Gas <100 °C 100-500 °C >500°C IOM
HZSM-5/Fe 9.1 15.1 0.0 52.4 23.6 !
Alumina/Fe 7.9 94 0.0 54.1 28.7 ) .
HZSM-5/Mo 9.1 16.6 0.0 53.0 21.2
Alumina/Mo 76 12.0 0.0 53.6 26.7 -
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ABSTRACT

Two stage coprocessing of waste plastics with coal and petroleum resid was investigated
using a one-third factorial design. In the two stage process, waste plastics were reacted in the first
stage and the liquid products from the first stage were introduced into the second stage which
consisted of coal and petroleum resid. Four factors were evaluated in the study including the type
of catalyst, the weight percent of coal, and the compositions of plastic and resid. The catalysts
investigated included NiMo/Al,O,, NiMo/zeolite, and HZSM-5; the weight percents of coal
investigated were 0, 10, and 29%, the plastics investigated were low density polyethylene (LDPE),
polystyrene, and mixed plastics; and the resids used were Manji, Maya, and Hondo. The results from
these factorial experiments were evaluated by determining their distributions using solvent
fractionation. The production of gas and hexane soluble materials as well as the conversion to THF
soluble materials was determined. The significance of each factor for producing these products and
converting the two stage materials was determined and compared.

INTRODUCTION

The direct coprocessing of waste plastics with coal in a single stage reaction presents
problems in effectively converting each material for the reaction conditions, and the catalyst needed
for each matenal are quite different. ( Luo and Curtis, 1996 a, b) Two stage coprocessing in which
the waste plastics were reacted and the resulting product then used as a solvent for coal, allowed for
customizing the reaction conditions and catalysts for the needs of each material. (Luo and Curtis,
1996 ¢, Luo, 1997; Ding et al,, 1996) Previous research has shown that incorporating a solvent
such as petroleum resid, which has been used previously as a solvent for the coprocessing of coal
(Speight and Moschopedis, 1986; Yan and Espencheid, 1983; Curtis and Hwang, 1992; Curtis et al.,
1987a,b; Guinet al., 1986), into the reaction effectively provides a bridging solvent in which the two
chemically incompatible coal and waste plastics can be coprocessed effectively. ( Joo and Curtis,
1996a; 1996b; 1996c; 1997a)

Two stage coprocessing of coal, waste plastics, and resid has been explored to determine the
most effective method of staging the reactions and the best sequencing of reaction conditions. (Joo
and Curtis, 1997 b) The results indicated that converting the waste plastics in the first stage under
fairly severe conditions, and then reacting the first stage product in the second stage with coal and
resid under less severe conditions, converted the most material to liquid products. The previous
study involved LDPE only as the waste plastic material. The current study extends that research and
involves post consumer plastics obtained by crushing and grinding commercially available plastic
products and by using post consumer plastics collected in Germany. This study uses a one-third
fractional factorial design to determine the effect of four factors, the types of catalyst, waste plastic,
and resid used, and the coal concentration, on the products from two stage coprocessing of waste
plastics, coal and resid. Each of these four factors was tested at three levels. The efficacy of the two
stage coprocessing was evaluated by quantitatively determining the relation between the chosen
factors and response variables which were the product fractions produced.

EXPERIMENTAL
Materials. A mixture of waste plastics including polystyrene (PS), polypropylene (PP) and

low density polyethylene (LDPE) was made by chopping and subsequently- grinding trash baskets
and disposable plates. Post consumer LDPE was also used as an individual reactant. A waste
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plastics mixture obtained from a German recycling company was supplied to us by Dr. Gerald P,
Huffman of the University of Kentucky. In addition, post consumer LDPE was also used. Blind
Canyon DECS-17 bitumninous coal, obtained from the Penn State Coal Sample Bank, was used in
this study. The proximate analysis of the coal is 45% fixed carbon, 45% volatile matter, 6.3% ash
and 3.7% moisture. The ultimate analysis of the coal is 82.1% C, 6.2% H, 0.4% S, 1.4% N and
0.12% Cl. The resids used in the coprocessing reactions were Manji, Maya, and Hondo which were
obtained from Amoco. These resids had different amounts of their material boiling in the range of
650 to 1000 °F: Manji had 1.24%; Hondo, 6.58%; and Maya, 19.0%. The remaining material boiled
above 1000 °F. The catalysts tested in the study were NiMo/AlL,O; (Shell 2.72 wt % Ni and 13.16
wt % Mo), NiMo/ zeolite (Akzo, <25 wt % MoO, and 1-10 wt% Ni,O; with ultrastable zeolite), and
HZSM-5 (United Catalysts). The NiMo/ALOQ; catalyst was presulfided and powdered prior to use.
The catalysts were introduced into each stage at a level of 1 wt% on a total charge basis.

Reaction Procedures. This study involved a factorial design in which the effect,
composition, and concentration of the reactants and type of catalyst were evaluated. The design
parameters and their levels are presented in Table 1. Two stage reactions were performed in which
the plastic was reacted in the first stage. The total first stage product without extraction was added
to the second stage coprocessing reaction. The second stage reaction contained resid and either 0,
10, or 29 wt % coal. The reactions conditions in the first stage were 430 °C, 60 min and 500 psi (3.4
MPa) of H,, introduced at ambient temperature. The second stage reaction conditions were 430 °C,
30 min and 1200 psi (8.3 Mpa) of H,, introduced at ambient temperature.

Analysis. The solid and liquid reaction products were analyzed by solvent fractionation
using a series of extraction solvents. The amount of gaseous products was determined by weighing
the gaseous products before and after they were released from the reactor. The liquid products were
fractionated by using a series of solvents, into hexane soluble (HXs), toluene soluble, hexane
insoluble (TOLs), THF soluble, and toluene insoluble (THFs) materials, or IOM, defined as
insoluble organic matter that is moisture and ash-free. Conversion was defined as:

OM
&oM,, ]x100

%Conversion-[1 -——  —————
gTotalCharged

EXPERIMENTAL DESIGN

Catalytic two stage coprocessing of post consumer plastics, resid, and coal was performed
to evaluate the effect.of different sources and compositions of plastics and resids on the final
products obtained. In addition, the effect of having coal present at different concentrations in the
coprocessing reaction was also an important aspect of this research. The four factors that were
selected for analysis in this study were catalyst type, post consumer plastic type, resid type, and coal
content. Three levels for each factor were chosen for the purpose of investigating the effect of
different types of catalysts, plastics and resids as shown in Table 1. The effect of having coal present
as nearly one-third of the reactants in the second stage reaction, as only a small (10%) portion of the
total second stage reactants, or not at all, was evaluated in terms of product distributions and
conversion,

The total number of factor-level combinations (FLCs) used was 3*=81. A one-third (1/3)
fractional factorial design was used for this study, therefore, 3*" =27 FLCs were required. The
effects that were selected to be sacrificed were I = AB’CD = (AB?CDY?, each of which had two
degrees of freedom (df). The effects that were investigated in this design were: (1) the main effects
(8 df) A, B, C, D, each with 2 df; and (2) the two factor interactions AB, BC, A x C = AC, AC%, A
x D= AD, AD? C x D = CD, CD?, with a total of 18 df.

RESULTS AND DISCUSSION
The one-third fractional factorial design required that 27 two stage coprocessing reactions

be performed. The factor levels that were chosen and the reactions that were performed are given
in Table 2. The first column describes the type of post consumer plastic used in the first stage, the
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type of resid used in the second stage, and the type of catalyst used in both stages. The second
column describes the coal weight percentage, ranging from 0 to 29 wit %, that was used in the second
stage. The next four columns describe the product distributions achieved in the reaction. The last
two columns are the conversion to THF soluble products and the recovery, respectively.

The first stage of the two stage sequence was performed using one of the three types of
plastics, with a sufficient amount of plastic (usually about 5 g) being introduced so that 2 g of the
first stage reaction product was produced for use as a solvent in the second stage. The reactants in
the second stage reaction were the first stage reaction product, the resid chosen from the factorial
design, and coal, if present in the reaction. The conversion that is described is the conversion of the
reactants entering the second stage to THF soluble products. The recovery was also based on the
second stage only, therefore, the first stage conversion and recovery were not used in these
calculations. The loss of converted material in terms of gases and volatiles from the first stage was
not considered.

The effect of the different reaction parameters is evident in the product distributions obtained.
The amount of gas produced was fairly stable for all of the combinations, and ranged from 8.5 to
13.6%. Much larger ranges were observed in the HXs soluble fraction where the lowest amount of
HXs produced was 40.7% and the highest amount was 75.4%. The amount of HXs produced was
directly influenced by the amount of coal that was present in the reaction. When coal was present
at 29 wt % in the second stage, the HXs ranged from 40.7 to 57.9%; when coal was present at 10 wt
%, the HXs ranged from 50.6 to 71.9%; and when no coal was present, the HXs ranged from 50.0
to 75.3%. The highest production of HXs was obtained when no coal or 10 wt % coal was present
in the second stage reaction. The range of THF solubles and IOM yielded a greater variability than
that observed in the gases, but less than that observed in the Hxs.

The conversion also was directly influenced by the type and amount of the reactants, and
ranged from 64.6 to 99.0%. The conversions from the second stage reactions ranged from 64.6 to
88.0% when coal was present at 29 wt % in the second stage, and from 72.5 to 93.8% when coal was
present at 10 wt % in the second stage reaction. When coal was not present, the conversions ranged
from 70.7 to 99.0%. No coal or a low weight percentage (10%) of coal present in the second stage
coprocessing reaction yielded higher conversions than those obtained when 29 wt % coal was
present. Therefore, not only the presence of the coal but also the other factors, including the type
of catalyst, type of waste plastic and type of resid, influenced the conversion of solid reactants.

Analysis of variance (ANOVA) calculations were performed on three product parameters:
gas production, HXs production, and conversion. Only the catalyst type affected the gas production
at the 0.01 significance level. However, HXs production was much more affected by all of the
factors. The type of catalyst, resid, and waste plastic used as well as the weight percent coal all
affected the production of HXs materials at the 0.01 significance level. Similarly, the factors of
catalyst type, waste plastics composition, and weight percent coal affected conversion at the 0.01
significance level while the resid type affected conversion at the 0.025 significance level. All three
parameters, gas production, HXs production, and conversions were affected by the interaction
between catalyst type and was plastics type at the 0.01 significance level. The activity and selectivity
of the catalyst used in the first stage reaction strongly affected the products and conversions achieved
from two stage coprocessing of coal, waste plastics, and resid.

SUMMARY

The results from the one-third fractional factorial design coprocessing experiment clearly
demonstrated that the products from two stage coprocessing reactions were strongly affected by the
type of catalyst, waste plastic and resid used, and by the amount of coal present in the second stage
reaction. Each of these factors affected the production of hexane solubles at the 0.01 significance
level. All of the factors except for resid type affected the conversion at the same level. A strong
interaction between the types of catalyst and waste plastic was observed, and affected gas production,
hexane solubles production and conversion.

Several consistent trends were observed in the reactions performed. The absence of coal or
the presence of coal at low concentrations (10%) resulted in a higher production of hexane solubles
and higher conversion. Coal is a difficult material to convert to lighter liquids and requires extensive
hydrotreating to produced light products. The two stage coprocessing reaction performed did not
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have sufficient selectivity for hydrotreating to produce light products from coal. The conversion was
similarly affected by the coal concentration, since again substantial hydrotreating was required to
convert coal to THF soluble products. The conversion was also affected by the reactivity of the
waste plastic material and by the propensity of waste plastics to be converted to liquid and gaseous
products in the first stage. This factorial design demonstrated that through the selection of certain
sets of factor combinations that two stage catalytic coprocessing of coal, waste plastics, and resid
is a feasible processing method for utilizing waste plastics.
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Table 1. Factors and Factor Levels

Factors Levels
Catalysts NiMo/ALO,
(A) . .
NiMof/zeolite
HZSM-5
Resids Manji
B)
Maya
Hondo
Plastics post- LDPE
©) .
post - Mixture
European mixture
Weight pereent of Coal 0%
()]
10%
29%

Table 2. Product Distributions from Post-Consumer Plastics Coprocessing Reactions

Plastic, Resid, Coal weight % Conversion Recovery
Catalyst % s HXs THFs TOM (%) (%)
R,I,NZ 10 9.4 719 1.7 7.0 93.0 87.8
D,I,NZ 29 9.5 40.7 14.4 354 64.6 99.1
E,ILNZ 0 11.4 711 7.4 10.1 89.9 86.1
R, I, NA - 29 9.1 57.9 19.7 133 86.7 90.4
E.ILNA 10 9.5 60.5 11.6 185 81.5 94.1
D, J,NA 0 8.6 63.9 7.0 20.5 79.5 91.0

D,z 10 12.5 69.4 1.3 6.8 932 737
R,1,Z 0 11.9 753 11.8 1.0 99.0 75.1
ELZ 29 10.1 46.3 14.4 29.2 708 96.4
D, Y.NA 10 79 506 14.0 275 725 96.2
R, Y.NA 0 10.3 683 16.5 4.9 95.1 825
E, Y,NA 29 9.6 429 17.2 303 69.7 90.5
D,Y,NZ 0 9.3 50.0 11.4 293 70.7 95.3
R, Y,NZ 29 10.3 50.0 21.1 18.6 814 91.6
E, Y,NZ 10 10.0 56.1 14.5 19.4 80.6 922
R, Y,Z 10 11.0 65.0 17.9 6.2 93.8 79.5
E Y2 0 10.0 574 14.5 18.1 81.9 90.6
DY Z 29 11.1 452 16.7 27.0 73.0 929
R, O,NA 10 9.5 61.8 16.4 12.3 87.7 90.0
E, O,NA 0 10.2 62.5 10.9 16.4 83.6 90.5
D, 0,NA 29 85 42.6 13.5 35.4 64.6 91.1
D, 0O,NZ 10 10.8 48.9 15.1 25.2 74.8 93.4
R, O,NZ 0 9.1 71.6 11.7 7.6 92.4 82.6
E,O,NZ 29 10.4 480 20.2 214 78.6 93.1
D,0,Z 0 13.6 73.5 9.7 3.1 96.9 62.2
R,0,Z 29 12.1 54.6 213 12.0 88.0 829
EOZ 10 11.0 619 13.1 14.0 86.0 86.3

* : Fraetional factorial design of 3 x 3 x 3 x 3 = 8] factor-level combinations into three fractions.

®: 430 °C, 60 min — 430 °C, 30 min, Plastic — Coal + Resid, 500 psi — 1200 psi H, introduced at ambient
temperature. Reactant: C = Blind Canyon DECS-17. D = Post-consumed LDPE, E = European, R = Mixture
of post- consumed LDPE, PP, PS. J=Manji, Y =Maya, O = Hondo. NA = presulfided NiMo/Al,0,,

NZ = NiMo/zeolite, Z = HZSM-5.

¢ : gas = gascous product, HXs = hexane solubles; TOLs = toluene soluble, hexane insolubles, THFs = THF
solubles, toluene insolubles and IOM = insoluble organic matter.
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VIABILITY OF CO-PROCESSING OF COAL, OIL AND WASTE PLASTICS

L.K.(Theo) Lee, J.Hu, G.Popper and A.G. Comolli
Hydrocarbon Technologies, Inc., Lawrenceville, New Jersey 08648

INTRODUCTION

The disposal of wastes represents not only a significant cost but also concems such as loss of a
valuable resource, a health hazard, and pollution resulting from conventional disposal methods, such
as landfilling and incineration. Through the efforts of the U.S. Department of Energy and
Hydrocarbon Technologies, Inc(HT1), a novel process, HTI CoPro Plus™, has been developed to
produce alternative fuels and chemicals from combined liquefaction of waste plastics with coal and
heavy petroleum residues. The new process concept that has been successfully tested in HTI strives
10

Direct organic waste away from landfills.
Produce valuable products, basic and intermediate chemicals and fuels.
Solve existing environmental problems created by current disposal methods.
Reduce refinery waste oil pond and land fill inventories.
Enhance domestic resources by

-Supplanting oil and fuel supply imports.

-Seducing energy consumption through recycling.

-Improving the trade balance.

-Creating a new industry and U.S. jobs.
With the rapid decreasing in availability of landfills but nationwide increasing in waste plastics
generation, co-processing is a viable option for addressing this environmental problem.
Economical evaluation has shown that co-processing of plastics with oil, coal or their mixture
reduced the equivalent crude oil price to a compatible level.

The new approaches involve continuous pilot plant operation utilizing finely dispersed catalyst
(HT1 Gel Cat™) to simultaneously liquefy the solid feed and upgrade residuum from either liquefied
solid or petroleum oil to lower boiling (<524°C) premium products. The HT1 GelCat™ has a high
surface area exceeding 100 m?/g in dried form and has particle size smaller than about 50 Angstrom
units. Because the fine-sized catalyst are produced based on use of available relative inexpensive
material and since the principal component is cheap and environmentally benign, they are usually
disposable for large scale process and do not require recovery and regeneration.

This paper discusses the results from several successful pilot tests of DOE’s POC program
performed in HTI. Different waste materials, such as MSW plastics, auto-fluff, Hondo VTB resid,
were co-processed with coal directly, or pretreated by pyrolysis prior to co-processing with coal.
Apart from exploring HTI Gel Cat™ catalyst, integrated reactor configurations including interstage
separator, in-line hydrotreating and combination of dispersed and supported catalyst system have
been evaluated during these pilot tests. One significant characteristics of HTI’s CoPro Plus™ is
the increase in hydrogen efficiency as both hydrogen consumption and C,-C, gas yield decrease.
Promising process performance, in terms of high distillate yield and extensive removal of
heteroatoms, has been demonstrated through HT1’s new approaches.

PROCESS DESCRIPTION

The HTI CoPro Plus process entails co-liquefaction of organic wastes with coal and/or oil is a liquid
phase hydrogenation process that takes place at temperatures of about 425°C and pressures of 15
MPa. Under these conditions, large molecules are cracked, hydrogen is added and sulfur, nitrogen,
and chlorine, etc. are easily separated and recovered after conversion to their basic hydrogenated
form. Also, because the process is contained under pressure, all gases and inert components can be
captured and reused if desired. Co-liquefaction of random waste organic materials with coal
provides for the efficient recovery and recycle of problem wastes back into the economy as premium
transportation fuels and feedstocks for virgin plastics. Direct liquefaction is also applicable to the
conversion and liquefaction of densified solids refuse derived fuels (RDF), formed from municipal
and industrial wastes and automobile shredder residue (ASR). On a conversion to transportation fuel
basis the recycle and conversion of waste plastics, waste oils, tires and organic wastes with only
50% of the waste being recovered shows that this process can supplement 10% of the United States'
daily transportation fuel requirements:
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Wast anti ea Qil Equjvalent

Million Barrels/Year
Plastics 3.5 Miltion Tons 200
Used Waste Oil 1.4 Billion Gallons 33
Rubber Tires 350 Million PTE* 8
Other Organic 34.4 Million Tons 212
Total Waste 453
Total Coal/Waste (1:1) 906
Total at 50% Waste 453+

*Passenger Tire Equivalents
+About 10% of daily U.S. Transportation Fuel Use

A techno-economic analysis for a site specific waste/coal direct liquefaction plant at 12,000
bbls/day adjacent to and integrated with an oil refirrery with random waste delivered to the plant
shows an average required selling price at zero acquisition cost and at 15% ROI of about $16.00 per
barrel. If tipping fees are included and if high value plastic feedstocks are recovered, the price could
be less than $14/bbl and is cost effective today. This selling price will be in the competitive range
by the end of this century, even with a +$20/ton acquisition cost, particularly if the environmental
cost benefits of recycling are included. The current national average tipping fee is $28/ton for
landfilling and $54/ton for incineration.

EXPERIMENTAL

Pilot scale tests were carried out at HTI using a 25 Kg/h two-stage pilot plant. The coal, oil, waste
materials and HTI Gel Cat™ catalyst were premixed in a mixing tank prior to charging to the Feed
Tank. Joined by feed hydrogen, the gas/feed slurry stream passed through a short residence time
coiled preheater. Reaction was conducted at 15MPa of hydrogen, 400-460°C and 1000-5000 ppm
of Fe catalyst loading. An internal circulating pump retumed a portion of the reactor slurry to the
bottom of the reactor providing the backmixing action. The first stage light reaction product was
cooled and separated from the main slurry. This light product, along with other second stage non-
hydrotreated products, were fed to the direct-coupled hydrotreater. The intermediate slurry product
was further liquefied in the second stage backmixed reactor.

The hot vapor products from the second stage liquefaction reactor were separated in the hot
separator and fed directly into a fixed bed hydrotreater. The hydrotreater was connected directly with
the hot separator without pressure reduction. Hydrogen, C,-C, hydrocarbons, heteroatom gaseous
products, water and volatile liquid products from the overhead of the separator passed through a
mixing phase trickled bed hydrotreater. The main function of the hydrotreater was to stabilize the
hydrocarbon products and to reduce heteroatom (N,S,and O) content.

The backend separation included pressure filtration and batch vacuum distillation. The major net
product streams are product gases (1™ and 2™ stages), dissolved gas (2™ stage only), 2 stage
separator overheads (hydrotreated product) and toluene extracted solids and excess pressure filter
liquid (PFL) or vacuum still overhead (VSOH). Process perfonmance is determined by feed
composition, operating conditions, yield and quality of C,-524°C distillate, and by hydrogen
utilization efficiency.

RESULTS AND DISCUSSION

The process performance and economic evaluation obtained from recent pilot scale co-processing
operations are summarized in this paper. The economic evaluation studies were based on
construction of a fully-integrated grass-roots commercial coal/oil/waste (plastics) co-liquefaction
complex to manufacture finished gasoline and diesel fuel liquid products. The co-liquefaction plant
in the complex is a multi reactor-train facility and the total feed processing capacity has been
selected assuming the construction of maximum-sized heavy-walled pressure vessels to carry out
the co-liquefaction reactions. Coal and waste plastics required in the co-liquefaction plant are
prepared on site and storage is provided for the oil received. Unconverted feed plus residual oil
from the co-liquefaction are gasified to meet a part of the hydrogen requirements of the complex.

Part of the fuel requirement is met by the waste process gases. Natural gas is imported to meet the
remaining fuel requirements and to satisfy the remainder of the hydrogen requirements. The costs
and operating requirements of the other process facilities and the off-sites have been estimated from
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the Bechtel Baseline Design Study, which was developed for the Department of Energy. The most
significant criterion reported is the equivalent crude oil price. This concept was developed by
Bechtel in their Baseline Design Study, and modified slightly for use in this study.

Table 1 presents the comparisons of the performance of five run conditions. Coprocessing of Black
Thunder coal, Hondo oil and ASR resulted in 83.6 W% resid conversion and 66.8 W% distillate
yield. A dramatic drop in both resid conversion and distillate yield was observed when Hondo oil
was removed from the mixture of coal and ASR(PB-04-4). 1t seemed that vehicle solvent is
essential in converting ASR and coal. In Run PB-04-5, 25 W% of plastics was added to the coal and
ASR mixture, it is interesting to note that distillate yield was increased from 56.6 to 61.4 W% while
524°C+ resid conversion was increased proportionally, from 72.4 to 77.2 W%. Also, it is observed
that addition of plastics has a significant impact on hydrogen consumption. Not only does the
addition of plastics to coal/ASR improved the process performance it also decreased hydrogen
consumption by about 2 W%. Economical analysis showed that by adding plastics to coal/ASR
feedstock, equivalent crude oil price dropped by $6/barrel.

1t was concluded that auto-fluff, that contains primarily polyurethanes and high impact polystyrene
as its principal polymeric constitutes, was not as effective as the MSW plastics in improving the coal
hydroconversion process performance, i.e. auto-fluff was not found to either increase the light
distillate yields or decrease the light gas make and chemical hydrogen consumption in coal
liquefaction, in the manner done by MSW plastics

In Run PB-06, waste plastics was pretreated by pyrolysis and only 343 °C+ pyrolysis oil was
coprocessed with coal and Hondo oil. As shown in Table /, Run PB-06-3, performance of
coprocessing of coal/Pyrolysis oil, in terms of distillate yield and resid conversion, was similar to
coprocessing of coal/ASR (PB-04-4), slightly decrease in hydrogen consumption was observed.
Considering Mo catalyst was not used in Run PB-06-03, this result seemed to suggest that pyrolysis
oil was more reactive in improving coal conversion than ASR. Run PB-06-4, using a mixed feed
of coal, Hondo oil and pyrolysis oil, was performed at higher space velocity. Distillate yield and
524°C+ resid conversion was decreased by 3 and 7 W%, respectively. However, C,-C, light gas
yield and hydrogen consumption decreased significantly.

Result from Run PB-06-4 demonstrated the potential for commercialization because the equivalent
crude price dropped to $ 19.6/barrel.

Table 2 illustrated the comparison of co-processing performance using different coals. In comparing
the same fecd mixture, Illinois #6 coal (Run PB-05-4) appeared to be more reactive than Black
Thunder coal (Run PB-06-2), as both the distillate yield and resid conversion were higher. However,
the use of Illinois #6 coal resulted in higher hydrogen consumption under the same conditions.
Significant improvement were obtained in co-processing of 11linois #6 coal, Hondo oil and plastics
(PB-05-3).

The liquid products from these co-processing operations were clean and good feedstocks for the
refining operations, including hydrotreating, reforming, and hvdrocracking. For these distillates.
heteroatoms could be easily reduced- if needed, also, better FCC gasoline yields require less
hydrocracking capacity for coal liquids than petroleum. These distillates made acceptable
blendstock for diesel and jet fuel, due to their high cetane number (42-46) and high naphthenes (over
50 v%) content. The superior quality of distillate products from HTI's coprocessing runs
(attributable to HTT's in-line hydrotreating operation) was found to fetch a three-dollar premium over
the neat petroleum liquids.

CONCLUSIONS

The new dispersed catalyst, developed by HTL, GelCat™, has been very effective for co-processing
of coal, plastics and other organic waste material. Excellent process performance in terms of
carbonaceous feed conversion to liquid and gaseous products, light distillate yields, and hydrogen
consumption have been obtained during the co-processing of different types of feed materials
including coal, heavy petroleum resid, municipal solid waste plastics, and auto-fluff. The addition
of waste plastics, or pyrolysis oil, from plastics to the feed increase hydrogen efficiency as both
hydrogen consumption and C,-C, light gas yield decrease. The co-processing of coal, oil and
plastics has achieved an extremely low equivalent crude oil price of $19 64/barrel, putting it nearly
in the range of economically commercializing.
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Table 1: Performance Comparison-Yields(Black Thunder Coal)

Run ID PB-04-3 PB-04-4 PB-04-5 PB-06-3 PB-06-4
Feed Comp. W% Coal/Oil/ASR | Coal/ASR | Coal/ASR/PLS | Coal/Pyr. Oil | Coal/Oil/Pyr
Coal 50 75 50 67 45
(Black Thunder)
Hondo Oil 30 28
Plastics 25
ASR 20 25 25
343°C+ Pyr. Oil 33 27
Catalyst
Fe/P 1000 1000 1000 1000 1000
Mo 50 50 50 0 0
Space Velocity
(kg/h/m®) 602 632 621 655 1356
Performance
(W% maf feed)
Conversion 94.1 90.5 91.3 91 86
C,-524°C Yield 66.8 56.6 61.4 57 54
524°C+ Conv. 83.6 24 71.2 73 66
C,-C, Gas Yield 8.6 6.9 7.8 8.8 3.5
H, Consumption 5.7 6.0 4.0 54 2.2
Economic Comparison (12,000 Tons/Day Total Feed)
Feed Rate, T/D
Coal 6000 9000 6000 8040 5400
Hondo Oil 3600 3360
Plastics 3000
ASR 2400 3000 3000
343°C+ Pyr Oil 3960 3240
Liquid Prod, B/D
Gasoline 13196 10141 12205 11527 10310
Diesel Fuel 32048 24629 29641 41238 35875
Total Investment
(SMM) 2680 2654 2644 2734 2852
Operating Cost
(SMM/YT) 583.6 5195 561.9 505.2 639.9
Eq. Crude Oil,3/b 30.34 36.25 28.99 23.41 19.64

ASR=Auto Shredder Residue

PLS=Plastics

Pyr Oil=Pyrolysis Oil
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Table 2: Performance Comparison-Yields(Black Thunder vs Illinois#6 Coal)

Run ID PB-04-5 PB-06-2 PB-05-3 PB-054 PB-05-5
Feed Comp. W% Coal/ASR/PLS | Coal/PLS | Coal/Oil/PLS | Coal/PLS | Coal/ASR/PLS
Coal 50 67
(Black Thunder)
Coal 33 67 67
(1llinois # 6)
Hondo Oil 33
Plastics 25 33 33 33 17
ASR 25 16
343°C+ Pyr. Oil
Catalyst
Fe/P 1000 1000 1000 1000 1000
Mo 50 0 50 50 50
Space Velocity
(kg/h/m?) 621 560 579 669 758
Performance
(W% maf feed)
Conversion 91.3 91 99.1 97.1 96.2
C,-524°C Yield 61.4 59 78.8 74.6 724
524°C+ Conv. 77.2 75 89.6 84.3 81.6
C,-C, Gas Yield 7.8 7.9 9.0 8.2 7.1
H, Consumption 4.0 39 39 54 5.8
Economic Comparison (12,000 Tons/Day Total Feed)
Feed Rate, T/D
Coal 6000 8040 4000 8040 8040
Hondo Oil 4000
Plastics 3000 3960 4000 3960 2040
ASR 3000 1920
343°C+ Pyr Oil
Liquid Prod, B/D
Gasoline 12205 12305 16201 14354 13645
Diesel Fuel 29641 29885 39346 34860 33137
Total Investment
(SMM) 2644 2469 2450 2449 2551
Operating Cost
(SMM/Yr) 561.9 446 514.3 486.3 515.9
Eq. Crude Oil,$ 28.99 26.19 22.43 24.20 25.20
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CO-LIQUEFACTION OF COAL AND POLYVINYL CHLORIDE (PVC)

Dhaveji S. Ch., Dady B. Dadyburjor, and John W. Zondlo
Department of Chemical Engineering, P.O. Box 6101
West Virginia University,

Morgantown WV 26506-6101

Keywords:  Coal liquefaction, PVC liquefaction, Catalyst, Chlorine distribution
INTRODUCTION

The use of waste plastics as co-liquefaction agents for direct coal liquefaction (DCL) is being
explored. Co-liquefaction of waste plastics with coal serves the aim of producing alternative fuels
and effectively utilizing waste plastics'. PVC is a plastic that is discarded heavily. However, there
has been very limited study done on the liquefaction of PVC because it releases corrosive HCl into
the gaseous phase, and various chlorinated organics into the liquid phase, at liquefaction temperatures
(350450°C).2 A recent study showed that the vacuum pyrolysis of PVC at 500 °C resulted in an HCI-
gas yield of 53%.2 Benzene is one of the main minor products.2

Ferric sulfide (Fe,S,) has been observed to behave as a good “once-through” catalyst for DCL.> The
addition of another metal, such as magnesium, to the Fe,S; catalyst can enhance its activity. A mixed-
metal ferric-sulfide-based Mg-Fe-S catalyst is used in this study for improving the yields as well as
possibly capturing chlorine from the products of liquefaction into the residue.

In this paper, the effects of reaction parameters, i.e., temperature, time, hydrogen pressure, and the
catalyst on PVC liquefaction, coal liquefaction, co-liquefaction of coal and PVC are presented.
Distribution of chlorine among the liquefaction products for the non-catalytic/catalytic liquefaction
runs is also presented. The effect of the catalyst on the chlorine distribution is assessed.

EXPERIMENTAL PROCEDURE

PVC is obtained from the Aldrich Chemical Company. The coal is DECS-6 from the Pennsylvania
State Coal Bank (PSCB). The catalyst is made in an aerosol reactor and the atomic ratio of Mg to
Fe-plus-Mg is 0.25, as prepared. A batch tubing-bomb reactor is used for the liquefaction
experiment. The quantity of the feed, i.e., the mixture of coal, PVC, and the catalyst, is kept constant
at three grams in all runs. Typical reaction conditions are 350-400°C temperature; at 15-60 min, and
0-2000 psig hydrogen pressure (hot). The reaction is carried out with vertical agitation in a heated,
fluidized sand bath. After the reaction, the HCI gas is analyzed by dissolving the gas in water
followed by titration. A gas chromatograph (GC) is employed in analyzing the HCl-free gas. The
remaining solid product in the reactor is analyzed for the THF-soluble product (THF-S) and the THF-
soluble and hexane-insoluble product (Hex-I). The amount of the THF-soluble and hexane-soluble
product (Hex-S) is obtained by difference. The yields are calculated on a coal-alone basis by
subtracting the contribution of PVC.

For the noncatalytic liquefaction of PVC-alone and coal-alone, an experimental design with 14
experimental conditions is used. The ratio of PVC-to-coal (P/C) is varied from 0.25 to 1.00 for the
catalytic/noncatalytic co-liquefaction of coal and PVC. In the catalytic liquefaction runs that involve
coal, the catalyst loading is kept at 8.4% on a weight-coal basis, daf (dry, ash-free). The catalytic
runs for coal-alone and PVC-alone are conducted at the center point conditions of 400°C, 30 min,
and 1000 psig hydrogen pressure (hot). For the catalytic run for PVC-alone, the catalyst loading is
8.4% on a dry basis.

RESULTS

Results of noncatalytic liquefaction of PVC-alone and coal-alone are modeled using second-order
polynomials. The model equations are presented in Table 1. The yields are influenced most
significantly by the temperature. The parameters of time and hydrogen pressure have modest effects.
It is noteworthy that for liquefaction of PVC-alone, the HC! gas yield is not influenced by the process
parameters and always remains constant at 52%.

As shown in Figure 1, for the co-liquefaction of coal plus PVC, addition of PVC increases the THF-
S+Gas yield, the Hex-1 yield, and the HCl-Free Gas yield. Negative values of HC! Gas yields are
observed, which suggest an interaction between coal and PVC. The Hex-S yield goes through a
minimum. These results suggest that addition of PVC to coal has synergistic effects on some yields.
The higher hydrogen content of PVC might be the reason for this effect.
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For the catalytic liquefaction of coal-alone, increases in all the yields are observed. The catalyst has
a minimal effect on the liquefaction of PVC-alone. The effect of the catalyst on the co-liquefaction
is shown in Figure 2. The catalyst is showing a slight effect on the THF-S+Gas yield, and a negative
effect on the Hex-! yield and the Hex-S yield. These results indicate that the presence of PVC in the
feed reduces the activity of the catalyst. One reason might be that the chlorine species liberated in
the liquefaction of PVC are destroying the activity of the catalyst.

Figure 3 shows that in the liquefaction of PVC-alone, most of the chlorine in the raw PVC goes to
the gas phase in the form of HCl. Some goes to the Hex-I and THF-I portions. A little goes to the
Hex-S portion. However, the pattern of the chlorine distribution changes dramatically if coal is
introduced into the feed. The effect of feed ratio on the chlorine distribution in the products is shown
in Figure 4. Addition of coal to the feed decreases the chlorine present in the gas phase while
increasing the chlorine in the THF-I and Hex-I portions. These results indicate that addition of coal
to PVC is beneficial in that the chlorine in the gas phase is decreased. However, an increase of the
chlorine in the Hex-I is observed.

Figure 5 shows the effect of the catalyst on the chlorine distribution in catalytic co-liquefaction runs.
The addition of the catalyst carries mixed effects. The amount of chlorine in the gas phase and the
Hex-S portion decreases at the expense of an increased amount in the THF-I and Hex-I portions.
Finally, utilization of the catalyst is serving the purpose of sequestering chlorine, on a qualitative
basis, as it is observed that the amount of chorine in the residue (THF-I portion) increases upon
employing the catalyst.

CONCLUSIONS

The product from the liquefaction of PVC-alone is mostly the HCl gas. All the yields of PVC-alone
liquefaction and coal-alone liquefaction are influenced mostly by temperature. Time and hydrogen
pressure have modest effects. Addition of PVC to coal has a synergistic effect for some of the
liquefaction product yields. Negative values of HC/ gas yield indicate an interaction between coal
and PVC during co-liquefaction. The mixed-metal catalyst is not influencing the co-liquefaction
yields much. The addition of coal to PVC is beneficial in reducing the chlorine present in the gas
phase. The residue (THF-I portion) is observed to capture chlorine during co-liquefaction
experiments. However, more chlorine is going into the Hex-I portion during co-liquefaction than for
the liquefaction of PVC-alone. Addition of the catalyst to the feed brings mixed effects to the
chlorine distribution in the products In the presence of the catalyst, more chlorine is observed in the
THF-I portion.
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TABLE 1

Model Equations for the Liquefaction Yields of PVC-Alone and Coal-Alone, as Functions of
Normalized Values of Temperature, Time and Hydrogen Pressure®

PYC-Alone

THF-S+Gas Yield% =78.19+ 10.12%T+ 7.80% + 1.69%P + 112*T*P -5 21*T%- 6.62** - 3.85*P’
Hex-1 Yield %= 18.60 + 1.87*T + 5.18%1 - §.81*T? - 9.32*1*- 5.19*P?

HCl-free Gas Yield = 3.12+ 2.09*T + 0.99%t + 0.51*P + 0.62*P*t +0.70*T* + 0.51*P*

Hex-S Yield =491+ 6.1°T +2.32°1 + 0.T9%P + 2.07*T*1 - 2.30*t+ 1.20*P?

Coal-Alone

THF-S+Gas Yield % = 2980+ 7.74*T + 3 91%t + 430%P + 2.13*T*P -6.12*T2-3.12¢t*+ 1.07*P*
Hex-I Yield %= 13.37 - 3.06*T - 1.53%t + 1 86*P - 1.63*T*t - 1.97*P*t - 6.65°T* + 0.90*P*
HCl-free Gas Yield = 337+ 5.06*T + 1.35* + 0.55*P + 1.16*T* + 0.89*T*P + 2.6327*T*
Hex-S Yield =12.95 + 5.96*T + 6.55%t + 1.65°P + 1.82*T*P - 4.47%1*

* T = (Temperature ~ 400)/50; t = (time - 30)/30; P = (Hydrogen Pressure - 1000)/1000
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Figure 1. Effect of Feed Ratio on Co-Liquefaction of PVC and Coal at 400°C, 30 min and 1060
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Feed Flow Studies of Waste Coprocessing Feed Slurries

AV, Cugini, M.V. Ciocco”, and R.V. Hirsh*
U.S. Department of Energy, Federal Energy Technology Center
P.O. Box 10940, Pittsburgh, PA 15236-0940
*Parsons Power Group Inc., P.O. Box 618, Library, PA 15129

Introduction

Advanced methods of recycling waste materials are being developed'. These methods attempt to
use existing technologies, such as direct liquefaction, to convert waste materials into higher value
fuels and chemicals. These technologies require a feed system capable of handling a diverse suite
of feed materials. Most likely, the resulting slurry would be a heterogeneous mixture of components
differing in state, viscosity and density. This heterogeneity creates a difficult problem with respeet
to potential feed systems. Recently, a feed flow loop unit was designed and constructed at FETC
capable of studying the flow properties of these mixtures. This paper discusses the feed flow loop
design and some of the initial results that have been obtained with the unit.

Experimental

A feed flow loop was designed and constructed to investigate the flow properties of slurries
containing heterogeneous mixtures of coal, oil, waste plastics, rubber, or biomass. The loop
essentially allows for controlled straight flow through a channel. The pressure drop across the
channel is measured using a differential pressure transducer. The pressure drop, flowrate, cross-
sectional area of the pipe, and pipe length can then be used to calculate the effective viscosity.

The flow loop was designed to measure the effective viscosities of coprocessing slurries. A
simplified schematic of the loop is detailed in Figure 1. The lines following the pump are 0.0127 m
(0.5") ss tubing, 0.00089 m (0.035") wall. The loop has two straight sections each 5.03 m in length.
A pressure transmitter, with a remote seal and range of 0-5.17x10° Pa, is near the end of the return
straight length. A differential pressure transmitter, with remote seals and pressure differential range
of 0-6.89x10° Pa, is also on the return length with the remote seals 3.05 m apart. A thermocouple is
located in the middle of the 3.05 m section where the pressure drop is measured. All instrumentation
readings are monitored and recorded on a computer.

The loop is designed to be used with slurries and mixtures having effective viscosities in the range
of 100 - 10,000 cP at temperatures up to 200°C and flow rates of 0.38 - 3.8 I/min. This allows for
testing of mixtures at shear stresses and shear rates ranging from 10 - 500 Pa and 50 - 500 s,
respectively.

In the operation of the flow loop, the feed sturries are prepared and heated to the desired temperature
in the mix tank. The slurry is then circulated in a short loop until it is well-mixed. Once the slurry
is well-mixed and the desired temperature reached, the slurry is routed through the flow loop.
Samples are collected in the product receiver at specific time intervals and used to provide mass flow
rates and densities. Samples and measurements are taken at different flow rates and temperatures and
the conditions are repeated to insure that the slurry rheology is not time dependent.

Effective Viscosity Calculation

The general viscosity equation for laminar, fully developed, incompressible, and steady flow
in a pipe is:

M. =1,/ (8*v/d)

where: T,, = shear stress at the wall = d*AP/ (4*L)
v = average velocity (m/s)
d = diameter (m)
L =length (m)
AP = pressure drop (Pa)
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B = d*AP/ (4*L) / (8*v/d) = d* AP/ (4*L) * (d/8*v) = d**AP/ (32*L*v)

1, =d™*AP/ (32*L*v)
The Reynolds Number (N;,) for flow in a pipe is:
Np. =p*d*v/(n)

where: p = density (kg/m*)

For the fluids reported in this paper the Ng, is in the range of 3-24, in the laminar flow
region.

The entrance length (L) for fully developed flow is defined by Langhaar” as:
L = 0.0575*d*Npg,

For the fluids reported in this paper the Ly is in the range of 0.002 - 0.03 m. The distance of
the pressure transmitter from the bend is 1.14 m (greater than Lg).

A plot of the effective viscosity versus shear rate, 8*v/d (s™), can be used to determine Newtonian
or Non-Newtonian behavior.

Results:

Several feed mixtures containing coal, plastics, and heavy oil have been tested in continuous
operations at FETC. The conversions and yields observed during these tests have been reported>.
A typical composition was: 70 wt% heavy oil, 15 wt% coal, 7.5 wt% high density polyethylene, 5.5
wt% polystyrene and 2 wt% polyethylene terephthalate (or polypropylene), essentially a 70:15:15
mixture of oil:coal:plastics. At the feed conditions for the test (temperatures of 50-200°C), the feed
slurry contained a solid component (coal) and a viscosity that ranged from 250 to 2000 c¢P measured
by a Brookfield Rotating Spindle Model MV8000 Viscometer.

The importance of controlling viscosity of the feed mixture was evident early in the waste
coprocessing effort. For example, a typical feed, consisting of a 70:15:15 mixture was investigated
using the Brookfield Viscometer prior to construction of the flow loop. At temperatures of 150°C,
the viscosity of such a slurry was approximately 1800 cP. High pressure drop was observed in the
feed lines of the continuous unit at this temperature, resulting in operating difficulties that eventually
caused the unit to be shut down. At the same temperature, a different feed mixture (70:22.5:7.5)
possessed a viscosity of 250 cP. Under these conditions, the coal solids were not adequately
suspended in the slurry and settled out, causing plugging in the lines of the continuous unit.

Smoothest operation of the continuous unit occurred when feed viscosities were maintained in the
range of 800 to 1000 cP. For a feed mixture of 70:15:15, the viscosity was 1000 cP at 180°C; for
a feed mixture of 70:22.5:7.5, the viscosity was 800 cP at 110°C. (Further details of the feed
viscosities and flow properties have been reported elsewhere®) Therefore, during continuous
operations, the optimum conditions for feeding varied widely with feed composition.

The feed flow loop was designed and constructed to test the flow properties of feed slurries. This
will enable a more detailed evaluation of the flow properties and the requirements to effectively feed
these slurries. This will eliminate the necessity of operating the continuous unit to evaluate the ease
of operation. Essentially, the feed flow loop will permit “on-line” measurement and prediction of
the rheological and flow properties of prepared feed slurries prior to continuous testing. To date, the
feed flow loop has been shaken down and tested with an FCC decant oil. The unit was operated at
two temperatures; 50°C and 60°C. A plot of the effective viscosity versus shear rate for the two
temperatures is shown in Figure 2. Also included in Figure 2 are separate viscosity measurements
for the materials at the same temperature using the Brookfield viscometer. Deviation from a
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horizontal line would indicate that the fluid is behaving in a non-Newtonian manner. The slope of
the lines at the two temperatures indicates a slight shear-thinning behavior for the decant oil over the
shear rate tested. Also, it is encouraging that the calculated effective viscosities from the flow loop
are similar to the viscosities measured by the Brookfield Viscometer.

Summary

Waste/Coal feed mixtures can be successfully fed and converted in units designed for hydrogenation
and coal liquefaction. An envelope of 250-1800 cP exists outside of which continuous operations
can not be maintained. The optimal envelope for feeding these slurries appeared to be in the range
of 800-1000 cP. The design and construction of the feed flow loop described here will permit more
detailed evaluations of the flow properties of heterogeneous mixtures. The flow loop was
successfully tested using decant oil.

Disclaimer

Reference in this paper to any specific commercial product or service is to facilitate understanding
and does not imply its endorsement or favoring by the United States Department of Energy.
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Figure 1. Simplified Flow Diagram of the Flow Loop
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CHARACTERIZATION OF PROCESS STREAM SAMPLES FROM BENCH-SCALE
CO-LIQUEFACTION RUNS THAT UTILIZED WASTE POLYMERS
AS FEEDSTOCKS

Gary A. Robbins and Richard A. Winschel
CONSOL Inc., Research and Development
4000 Brownsville Road
Library, PA 15129

INTRODUCTION .

Since 1994, CONSOL has characterized feed, recycle, and product samples from DOE-
sponsored co-liquefaction experiments with polymers and coal.™® The objective is to understand
the process chemistry and the fate of the polymer components during continuous operations.
CONSOL used conventional liquefaction process stream characterization methods, supple-
mented by methods specifically developed for polymer components. In the earliest Hydrocarbon
Technologies, Inc. (HTI) runs, virgin polymers were used to simulate municipal waste polymers
(Proof-of-Concept scale in Run POC-2, bench scale in Runs CMSL-8 and CMSL-9). More
recently, HTl began using authentic municipal solid waste polymers (Run CMSL-11°) and auto
shredder residue (Run PB-047) as co-liquefaction feedstocks in various combinations with coal,
petroleum resid, and virgin polymers. Process stream samples were characterized from HTI runs
in which authentic municipal or industrial waste polymers were liquefied with coal and petroleum
resid. The conversion of relatively unreactive polyolefins was determined by an extraction
procedure. The fate of polystyrene was determined by gas chromatography-mass spectrometry
of net liquid products.

BRIEF DESCRIPTION OF PLANT AND CO-LIQUEFACTION RUNS

The co-liquefaction runs were performed in HTI's bench unit 227. Fresh feed materials (catalyst
precursors, coal, waste feedstocks, petroleum resid, and/or virgin polymers) were mixed batch-
wise with process recycle materials in a tank and transferred to a feed slurry tank that continu-
ously fed the slurry to the liquefaction process. The feed slurry was fed to a preheater that also
conditioned the dispersed catalyst. Next, the slury was fed to two successive stages of
liquefaction. No supported catalysts were used in the liquefaction reactors; only disposable
dispersed catalysts were used. A high-pressure separator after the first reactor allows light
products to be taken off, and the hydrogen concentration to be increased in the second reactor.
The first-stage oil, called the first-stage separator overhead oil, or SOH1, is sent with second-
stage light oils and light distillate to an in-line fixed-bed hydrotreater. The in-line hydrotreater
upgrades the product using the liquefaction reactor system offgases. The second stage of
liquefaction is followed by high- and low-pressure separators. The separator overheads are fed
to the in-line product hydrotreater, and the separator bottoms to distillation. The distiltate (ca.
1BP-371 °C) is sent to the product hydrotreater, and the resid is filtered to provide a liquid for
recycle and solids to reject ash.

Major streams analyzed typically included the feed slurry, individual fresh feeds, the unhydro-
treated first-stage separator overhead (SOH1) oil, the separator bottoms (flashed liquefaction
product), the filter liquid (recycle), filter cake (solids), and the hydrotreated net product oil. On
occasion, an unhydrotreated net product oil is available through bypass of the hydrotreater.

Operating conditions for relevant portions of Runs CMSL-11° and PB-047 are shown in Table 1.
In both runs, co-liquefaction operation was successfully demonstrated using the municipal or
industrial waste feedstocks (municipal solid waste (MSW) plastics in Run CMSL-11, and
automobile shredder residue (ASR) in Run PB-04) . When MSW was fed with coal, Condition 3B
of Run CMSL-11, H consumption and gas yield were reduced and distillate yield increased. In
general, ASR was not as beneficial as MSW to liquefaction process performance. Operating
difficulties were encountered throughout the ASR run. HTI observed that: 1) ASR caused
repeated feed pump problems; 2) the resid conversion was lower when ASR was fed (relative to
feeding coal only); and 3) ASR lowered the H consurption, distillate yield, and light gas yield.
HTI speculated that polyurethane and (cross-linked) high impact polystyrene in the ASR were less
reactive than polymers previously processed (including the MSW). It isimportant to determine
the relative reactivity of the polymers that could be identified in the ASR.

DESCRIPTION OF CHARACTERIZATION METHODS

Three analytical techniques supplemented the normal liquefaction work-up procedures (which
usually include distillation, tetrahydrofuran (THF) extraction, ashing, and determinations of
phenolic -OH concentration and proton distribution). When polymers are present in co-
liquefaction samples, hot decalin extraction, FTIR spectroscopy, and GC-MS characterization are
the supplementary techniques. The decalin extraction and FTIR are used typically for resid- and
solids-containing samples, and GC-MS is used typically for light net product oils. The hot decalin
extraction method was described previously;® it generates a solubles fraction, a “plastic” fraction,
and an insolubles fraction from a liquefaction sample. The “plastic” fraction consists of polyolefins
(primarily high-density polyethylene (HDPE) and polypropylene (PP)) that are soluble in_hot
decalin, but insoluble in THF or room-temperature decalin. The polymers are subsequently
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characterized by FTIR spectroscopy. The GC-MS total ion chromatograms and individual mass
spectra are usually examined for information on n-paraffins from polyethylene and other
feedstocks, and for marker compounds from PS liquefaction, Various sample preparation
techniques have been used at CONSOL for qualitative FTIR examination of polymeric matenals.
Unsupported and supported thin films and thin slices have been used for transmission IR
measurements. Powder, or fine cuttings or filings have been mixed with KBr (1-10% polymer)
for diffuse reflectance measurements.

CHARACTERISTICS OF PROCESS STREAMS SAMPLES

Table 2 is a summary of the overall characterization results of the various process streams
analyzed, components found or expected, and methods used. Ash, polyethylene, polypropylene,
and polystyrene were components of the MSW and ASR feedstocks that were directly or
indirectly identified. PS was identified via marker PS-derived compounds found in product oils
using GC-MS. Ash was determined directly on the MSW and indirectly on the ASR, using the ash
content of the feed slurry. A polyolefin component was extracted from the feed slurry samples,
and identified as HDPE and PP using FTIR spectroscopy. Spectroscopic features suggest the
presence of low-density polyethylene (LDPE), or some unidentified polyethylene, in some
samples. Based on combined results from several of these methods, overall composition of the
MSW feed is approximately 96% HDPE+PP, 2% PS, and 1,6% ash. Using the same procedure,
the estimated composition of the ASR feed was 68% HDPE+PP, 11% PS, 20% ash (as reported
by HTI"), and 1% unaccounted.

FATE OF HDPE AND PP

Previous work demonstrated that polyolefins, primarily HDPE and PP, could be extracted from
co-liquefaction stream samples. The amount of this material rejected from the process repre-
sents the amount that is not converted to liquid products. FTIR spectroscopy (Figure 1) was used
to identify PP and HDPE in polyolefin material extracted from feed slurries from Run PB-04.
These results indicate that PP was a significant component of the feed ASR. The material
extracted from the pressure-filter cake stream that is used to reject solids from the process
consists entirely of polyethylene (Figure 1, apparently HDPE). This indicates that the PP is more
reactive than the HDPE at reaction conditions,

Table 3 presents the ash-balanced, overall conversions of the total MAF feed, the total MAF
waste/polymer feed, and the decalin-extracted polyolefins. The overall conversion is calculated
from the compositions and flow rates of the net product and fresh feeds. However, decalin-
extracted polyolefins were determined on the (Run PB-04) feed slurry samples, since no ASR
sample was available. The recycled ash and polyolefins contributions were backed out to deter-
mine the refative concentrations of fresh polyolefins and ash. In turn, this allowed the percentage
polyolefins in the ASR to be estimated at 79-90% MAF, or 62-73% (average of 68%) MF.

The CONSOL MAF fresh feed conversion is compared with HT| results in Table 3 to demonstrate
that the ash balance technique typically gives conversions very similar to those of HTI. The
exception in these data are the results for Conditions 4 and 5, for which the CONSOL
conversions were ~3-5% lower than those obtained by HTI, possibly due to the difference
between the solvents used. CONSOL used THF to define conversion (THF does not dissolve
the unconverted polyolefins). HTl used hot quinoline to define conversion (hot quinoline does
dissolve the unconverted polyolefins). The same ash balance method was used to calculate
conversions of the total wastes and the decalin-extracted polyolefins. The results indicate high
conversion of the total waste/polymer stream and of the polyolefins, ~95-99%. The conversions
of these components were typically about 5% higher than HTI's conversions of the total fresh
feed. The lower conversions observed by CONSOL for the total waste/polymer component and
for the decalin-extracted polyolefins corresponded to Conditions 4 and 5 of Run PB-04, in which
HT! also observed the lowest fresh feed conversions. Recycle of unconverted polyolefins
(apparently chiefly HDPE) is required to achieve these high conversions. Evidently, conditions
used in Conditions 4 and 5 of Run PB-04 were not optimat to convert all of the ASR or polyolefin
component of the ASR. in Run CMSL-11, HTI used higher reactor temperatures, higher Mo and
Fe catalyst concentrations (and different catalyst precursors) to achieve high conversion of the
MSW polymers.

FATE OF PS

Earlier work with samples from Runs POC-2, CMSL-8, and CMSL-9, in which virgin polystyrene
(PS) was a feedstock, indicated that ~70% of the PS fed could be identified as components
(toluene, ethylbenzene, and cumene) in the unhydrotreated product oil and -50% in the hydro-
treated product oil.™* Cumene alone accounted for ~16% of the PS fed in the unhydrotreated
product oil, and ~10% in the hydrotreated product oil. Cumene is a good marker for PS-derived
products, because it is found in product oil samples from co-liquefaction with PS as a feed
cormponent. In the unhydrotreated first-stage product oils from Run PB-04, 1,3-dimethyl propane
was also identified as a unique PS marker. However, this compound seems to be clearly
identifiable and quantifiable primarily when the product oil is unhydrotreated. The components
used for identification and quantification by CONSOL contain aromatic rings, because these
components are readily identified by their mass spectra using automated searches of spectral
databases.
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Concentrations of four PS-denived compounds identified by GC-MS in the SOH1 samples from
Run PB-04 and in the Run CMSL-11 product oil from Condition 3B are shown in Table 4. The
presence of cumene in products from liguefaction of MSW in Run CMSL-11 and ASR in
Run PB-04 demonstrates the presence of PS as a feed component. The ASR and MSW feed
matenials are very heterogeneous and are difficult to characterize directly to quantify individual
polymer components. Based on earlier work with virgin plastics, the amount of PS in the waste
feedstocks can be estimated for Runs CMSL-11 and PB-04. If the same degree of conversion
takes place, and the yield of the product oils are known or estimated, it is estimated that PS
constitutes about 2 wt % of the MF feed MSW in Condition 3B of Run CMSL-11. Similarly, itis
estimated that PS constitutes about 11 wt % of the MF feed ASR in Conditions 3 and 4 of
Run PB-04.

The four marker compounds (Table 4, Figure 2) constituted about 11-42% of the SOH1 samples
in Conditions 3-5 of Run PB-04. In contrast, the Condition 1 (coal-only) SOH1 contained only 2%
of three of these markers (1,3 diphenyl propane was not present). In general, these marker
compounds seem to represent the lowest-boiling primary fragments of PS liquefaction, as shown
in Figure 1. Benzene, methane, and ethane could also be primary products, but they also are
produced from coal. Hydrotreating these components may cause cracking or ring hydrogenation.
Any products that elute before toluene, or do not contain an aromatic ring, are less-readily
identified or quantified because they are not unique to PS liguefaction.

The observed distribution of these four components on a relative weight percent basis is: toluene
- 12.5 £2.5%, ethylbenzene - 64.7 £3.9%, cumene - 20.6 +2.6%, and 1,3-diphenylpropane - 2.2
$0.3%. On a mol percent basis, the distribution becomes: toluene - 14.6%, ethylbenzene -
65.7%, cumene - 18.5%, and 1,3-diphenylpropane - 1.2%. An uneven distribution of alkyl vs.
phenyl groups in the products (ethylbenzene has the proper distribution) would imply that these
_products are accompanied by the production of some (unobserved) combination of methane,
ethane, benzene, and cyclohexane (in the simplest possible molecules). The observed
distribution indicates that 2.6 mol % benzene + 2.6 mol % methane would account for the
imbalance (i.e., there is more cumene than foluene plus 1,3-diphenylpropane). Although the data
may not support a rigorous analysis like this, qualitatively the results suggest that the production
of light gases such as methane and ethane from liquefaction of polystyrene is minor. These
estimates leave about 20% of the PS as unaccounted. In addition to benzene, the unaccounted
portion could be cyclic alkyls that are hydrogenation products and not readily identified.

CONCLUSIONS

These results show that several components of authentic waste polymers can be identified and
sometimes quantified in co-liquefaction process stream samples. Different characterization
strategies are needed to accommodate different polymers. PS and PP appear to be reactive, and
there is no hint that the ASR contains an unreactive PS component, as was speculated based
on Run PB-04. HDPE is less reactive and requires a substantial recycle rate to convert it.
Ultimately, nearly all of the HDPE is converted. Marker compounds that appear to be primary PS
products were observed in the light product range. The distribution of these light PS products
suggests that little gas production is associated with PS liquefaction.

FUTURE NEEDS

itis desirable to develop methods for speciation of more polymers (e.g., polyurethane). Quanti-
tative FTIR methods would allow the determination of reiative or absolute amounts of PP and
HDPE present. Other information, such as molecular weight distributions, would be informative:
however, their expense usually cannot be justified for a large number of process samples.
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Table 1, Conditions and Yields for HTI Runs PB-04 (227-95) and CMSL-11 (227-89)

Run PB-04 CMSL-11
Condition 1 2 3 4 5 2 3B
Feed, wt % MF
Blk. Thunder Coal 100 - 50 75 50 100 75
Hondo resid - 70 30 - - - -
ASR or MSW - 30 20 25 25 - 25
HDPE/PS (60:40) - - - - 25 - -
Temp. Stg 1/Stg 2, °C 440/450 450/460
Disp. Cat, Loading, mg/kg Fe :1000, Mo:50, P:100 Fe:5000,
Mo:100

Yields, wt % MAF Fresh Feed
C,-C, Gases 9.9 70| 86| 69 78| 182 7.4

,~343 °C 46.0 | 444 | 483 | 31.2 | 40.3 | 494 | 395
343-524 °C 216 2471185254 212| 135]| 281
524 °C+ 3.7 16.0| 10.5 | 18.0 | 14.0 6.0 11.2
Unconverted Feed 6.8 36| 6.0 96 8.8 4.9 53
H,0+COx 18.6 501} 116 | 1562 121 145 | 136
NH,+H,S 0.6 42| 23] -03} -08 04| -02
H, Consumption 7.2 481 57| 6.0 4.0 6.9 49
MAF Feed Conv., wt % (SO,-Free) 932 964941905 91.3| 951 | 947

Table 2. Components Found in Process Stream Samples From Co-Liquefaction of Waste
Polymers With Coal

Component
Stream Sample HDPE [ PP | LDPEor | PS | Ash Other Methods
from Process Other PE Polymers
Feed MSW X X | X E DE FTIR
Feed ASR | [ | X E
MSW Feed Slurry X X | X E DE FTIR
ASR Feed Slurry X X S | X E DEFTIR
Separator Bottoms X c* X DE,FTIR
Filter Liquid X [0 S* DE,FTIR
Filter Solids X [0 S* X DEFTIR
1st Stage Oil* P E P GC-MS
Product Oil P E P GC-MS
Legend: X = Direct evidence I = Indirect evidence P = Evidence for a product
E = Expected, but not identified S = Suspected, i.d. uncertain
C = Contrary evidence (i.e., that it is not present) DE = Hot decalin extraction

* Applies to Run PB-04 samples only.

Table 3. Overall conversion of Feed and Polymer Feed Components in HTI Runs PB-04
and CMSL-11

Overall Conversion, %
Source PB-04 PB-04 PB-04 PB-04 PB-04 CMSL-11
Cond. 1 Cond. 2 I Cond. 3 [Cond. 4 |Cond. 5 |[Cond. 3B
Basis: MAF Fresh Feed, Ash-Balanced
CONSOL 93.7 95.0 95.7 87.1 855 94.3
HTI(a) 93.2 96.4 94.1 90.5 913 94.7
Basis: MAF Fresh Waste/Polymer, Ash-Balanced
CONSOL [ NA ] 99.9(b) | 99.4(b) [ 95.8(b) [ 96.8(b) [99.1(c)
Basis; Fresh Decalin-Extractable Polyolefins in Feed, Ash-Balanced
CONSOL [ NA [ NA [99.3(c,d) [95.4(cd) [NA [ NA
(a) SO,-free ash basis
b) % MAF ASR in feed (+virgin polymers in feed in Cond. 5)
(€) % Decalin-extracted polyolefin in feed
(d) Back-calculation from Condition 3 resuits indicates that the feed ASR contains 79%

MAF decalin-extracted polyolefin (63% on MF basis). From Condition 4 results, the
feed ASR contains 90% MAF decalin-extracted polyolefin (72% on MF basis).
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Table 4. PS Liquefaction Products Found in Run PB-04 First-Stage Oils

20

FEED SLURRY (HDPE+PP)

05

FILTER CAKE (HDPE)

3000 2000

WAVENUMBERS (cm-1)

1000

Figure 1. FTIR Spectra of Decalin-Extracts From Feed Slurry and Filter Cake

Produced in Condition 5 of HTI Run PB-04.

PRIMARY POLYSTYRENE
PRODUCTS FOUND BY GC-MS

—C#C#C C#C C C#C C— CiC C c—- C—

© OO0 6 0 o

TOLUENE CUMENE

ETHYLBENZENE 1.3-DIPHENYL

PROPANE

Figure 2. PS Liquefaction Products Found in Net Product Oils.
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Component | Toluene [ Ethylbenzene | Cumene ] 1,3-Diphenyl propane | Sum
Conc. in SOH1, wt %
Cond. 1 03 1.5 0.2 0.0 20
Cond. 3 13 75 1.9 02 |108
Cond. 4 43 17.7 57 06 |283
Cond. 5 44 26.8 9.4 1.0 (416
Conc. in SOH1 as wt % of ASR fed, adjusted to eliminate coal contribution
Cond. 3 1.0 6.0 1.6 0.2 8.8
Cond. 4 14 54 1.9 0.2 8.9
Cond. 5 3.1 18.7 6.6 07 |29.1
Avg. Relative Distribution
Wt % 125 64.7 £3.9 20.6 2.2+03 100.0
mol% 25 65.7 2.6 1.2 100.0

14,6 18.5
C Balance +1CH, 0 -1CH, +1CH,
Net C Balance -2.6 mol% CH,, or +2.6 mol% (benzene +CH,)
KUBELKA-MUNK UNITS




